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ABSTRACT: This article is a comprehensive review of the literature dealing with the transfer of carbon dioxide to water where
no chemical reactions are taking place. It reviews the studies related to the absorption and desorption kinetics, mass-transfer
rates, effect of the contactor geometry, effect of water salinity, and the effects of temperature and pressure on the process in
conventional reactors or the more recently common membrane contactors. The available data show inconsistent trends and an
abundance of system- and geometry-specific correlations/models to predict the mass-transfer performance, which may explain
the inefficient design of most industrially available contactors. Furthermore, no agreement can be found in the literature on the
effect of temperature and pressure of the system, as well as the presence of additives in the water, on the solubility of CO2.

1. INTRODUCTION
It is well-known that CO2 constitutes an important component
of the greenhouse gas effect; therefore, its capture and storage
are of paramount importance. While there are several ongoing
initiatives to reduce these emissions, numerous studies focused
on its post-combustion capture.1−4 Generally, post-combustion
CO2 capture can be achieved using ionic liquids5−7 or amine-
based solvents8−10 through means of packed columns, then
storage takes place in oil fields, oceans, and/or water
aquifers.11−16

However, CO2 capture and/or absorption are not limited
solely to these aforementioned purposes. In desalination plants,
remineralizating the water to render it noncorrosive, non-
aggressive, and palatable takes place via lime or limestone
dissolution in CO2-acidified desalinated water.17−20 Further-
more, the release of CO2 from the evaporating brine in
seawater thermal distillers contributes to scale formation on
heat-transfer surfaces, severely affecting their performance and
efficiency; therefore, methods for increasing the solubility of
CO2 in water are being investigated.17,21−23 In the textile and
other industries, the absorption of carbon dioxide in aqueous
sodium chromate solutions is used to obtain sodium
dichromate, a dyeing auxiliary.24 Moreover, carbon dioxide
stripping in cell-culture reactors is of great importance, where
CO2-enriched waters are used as a source of carbon in
bioreactors. In these reactors, dissolved CO2 is converted back
to organic carbon by living cells such as photosynthetic
algae.25−32 Therefore, the success of these aforementioned
capture and dissolution processes is dependent on attaining
high CO2 transfer rates from gaseous phases to aqueous phases.
Most CO2 absorption investigations in the literature were

undertaken with the sole motive of sequestering this gas for
environmental reasons. While very few studies looked at its
direct solubility in water alone, most methods focused on
removing CO2 from the gas phase into liquid solvent using
chemical reactions. In these processes, CO2 reacts reversibly
with the solvent to form water-soluble salts. These solvents are
then regenerated and reintroduced to the absorption unit. The
most commonly used absorption solvents are the alkanol-
amines, e.g., monoethanolamine (MEA), diethanolamine

(DEA), and methyldiethanolamine (MDEA).33,34 For example,
Aroonwilas et al.,34 and later, Chavez and Guadarrama35

investigated CO2 absorption into aqueous solutions of NaOH
and MEA in absorption columns equipped with structured
packings. Bishnoi and Rochelle8 studied the absorption of
carbon dioxide into aqueous solutions of piperazine (mixture of
DEA and MDEA) in a wetted wall contactor. Gomez-Diaz and
Navaza36 characterized the CO2 absorption in binary mixtures
of normal alkanes as liquid phase in stirred vessels. Maceiras et
al.37 studied the absorption process in DEA solutions in bubble
column reactors, while La Rubia et al.10 utilized the bubble
column to investigate the removal of CO2 by aqueous solutions
of triethanolamine (TEA).
However, fewer investigators looked into the absorption of

CO2 in pure water without chemical reactions. These studies
are of great importance for advancements in the process of
remineralization of soft waters, and design of photobioreactors.
Moreover, different types of gas−liquid contactors have been
employed to study and model the absorption of gaseous CO2 in
aqueous solutions. These contactors include mechanically
agitated vessels,29,30,36,38,39 bubble columns,40−44 packed-bed
absorption columns,45,46 and hollow fiber membranes.47−50

Furthermore, desorption of carbon dioxide from water and
wastewater streams, using different types of process equipment,
has been employed in various industries using a wide range of
equipment. In wastewater treatment, CO2 desorption has been
utilized for, the removal of organics and calcium from paper
wastewater using a stirred tank with air diffusers,51,52 the
removal of phosphates, calcium, and magnesium from swine
wastewater using a bubble column reactor,53 crystallization of
struvite in anaerobic digester using a plate tower,54−56 methane
gas enrichment in anaerobic sewage digesters using bubble
columns,57,58 and for phosphorus precipitation from secondary
sewage effluent using a bubble column.59
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On the other hand, in water systems, the removal of carbon
dioxide has been utilized to improve the water quality in
recirculating aquaculture systems using an airlift pump in a
well-mixed tank reactor,60−62 vacuum airlift in a stripping
column,63 packed columns64−68 and submerged aerators,69

remineralization and conditioning of product water and
pretreatment of seawater in desalination plants using packed
columns,17 vacuum and forced draft packed columns,70−73

increasing water recovery in brackish water desalination systems
using a stirred tank batch reactor,74 protection of ion exchange
systems in ultrapure water applications using hollow fiber
membrane contactors75−77 and vacuum and forced draft packed
columns,78,79 stabilization of aggressive/corrosive water in
municipal water supplies using aerated tray columns,80 and
adjustment of the pH of spring water without chemical addition
using a bubble column.81

Therefore, this paper aims at critically reviewing the studies
related to the absorption/desorption kinetics, mass-transfer
rates, effect of the contactor type, geometry, and operating
conditions, effect of water salinity, as well as the effects of
temperature and pressure on the hydrodynamic and thermody-
namic properties of CO2 absorption in water. It will also briefly
review the various techniques employed in measuring CO2
solubility in water as well as an overview of the thermodynamic
models used to describe it.

2. CHEMISTRY OF CARBON DIOXIDE IN WATER
Upon dissolution in water, carbon dioxide undergoes three
chemical reactions involving four chemical species: carbon
dioxide (CO2), carbonic acid (H2CO3), bicarbonate ion
(HCO3

−), and carbonate ion CO3
2−.

+ ⇔H O CO H CO
K

2 2,aq 2 3
0

(1)

⇔ ++ −H CO H CHO
K

2 3 3
1

(2)

⇔ +− + −HCO H CO
K

3 3
22

(3)

Reaction (1) is often referred to as the CO2 hydration
reaction.82,83 From the very low value of K0 ≈ 7 × 10−7, it
follows that the concentration of CO2,aq greatly exceeds that of
H2CO3; however, these neutral species are often referred to as
carbonic acid (H2CO3),

29,30 and the ideal equilibrium condition
between the aqueous (pure water) and gaseous phases at low−
moderate pressures is satisfied by Henry’s law:
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where HCO2,0 is Henry’s coefficient of CO2 in pure water (in

mol L−1 atm−1), PCO2
the partial pressure of carbon dioxide

above the aqueous phase, and CH2CO3
* the concentration of

physically dissolved CO2 and H2CO3 in equilibrium with PCO2

in the gas phase. The equilibrium and dissociation constants
(K1 and K2) for reactions 2 and 3 are expressed as

=
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When a substantial amount of OH− ions are present in an
aqueous solution, CO2 may react with OH− in the following
manner:

+ ⇔− −CO OH HCO2,aq 3 (7)

This reaction is known as the hydroxylation reaction83 and is
considered to gain in significance with the increase in pH
(above 7.0) and predominates above pH 8.5.84,85

3. THERMODYNAMICS OF CO2−WATER SYSTEMS

The thermodynamic modeling of the CO2−water, CO2−
seawater, CO2−water−electrolyte systems, as well as exper-
imental data and correlations for the solubility of carbon
dioxide in distilled water, tap water, seawater and water systems
containing different electrolytes over a large range of
temperatures, pressures and concentrations have been reviewed
by several authors.86−92

The next two subsections will provide an overview of the
thermodynamic models and correlations employed for
determining the solubility of CO2 in “pure” water and seawater,
respectively. The parameters that influence the CO2 solubility
in water systems, such as pressure, temperature, and salinity,
will also be discussed.

3.1. CO2−Pure Water System. The earliest investigations
on the solubility of carbon dioxide in water were carried out by
Wroblewski93 and Bohr.94 Since that time, a large volume of
experimental work has been published and several thermody-
namic models, based on the activity coefficient−fugacity
coefficient (γ−ϕ) approach, have been proposed to determine
the phase equilibrium of the CO2−water system and the
solubility of CO2 in water.95 In the γ−ϕ approach, an equation
of state (EOS) is used to describe the nonideality of the gas
phase while Henry’s law is used to describe the nonideality of
the liquid phase. Diamond and Akinfiev91 employed this
approach to model the solubility of CO2 in water, where, at
equilibrium, the following equation is derived:

γ
=x

f y

HCO
CO CO

CO CO
2

2 2

2 2 (8)

where f CO2
is the fugacity of CO2, γCO2

the activity coefficient of

CO2, HCO2
the Henry’s coefficient of CO2, xCO2

the mole

fraction of carbon dioxide in water, and yCO2
the mole fraction

of carbon dioxide in gas. Invoking ideal solution conditions
(pure water and negligible solute concentration), where the
value of γCO2

is set to unity, Diamond and Akinfiev91 used this
approach to determine the solubility of CO2 in water over a
range of low-moderate temperatures and pressures; fugacity
was determined from an appropriate EOS and Henry’s
coefficient was determined from experimental results. Note
that, for ideal gas and ideal solution assumptions and low
temperatures and pressures, eq 8 reduces to eq 4 above.
Empirical relations, based on fitting of experimental data,

have been derived to correlate the dissociation constants K1 and
K2 with temperature for the CO2−pure water system.96,97

These correlations are valid over a range of temperatures and
are usually in the form of

= * + * +
*

+ * +
*

K A B T
C
T

D T
E
T

p logi i i
i

i
i

,0 2 (9)
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where i = 1 or 2, and Ai*, Bi*, Ci*, Di*, Ei* are adjustable
parameters and are specific to the work of each investigator;
one or more of these parameters may be equal to zero. The
above equation is valid for 273 K ≤ T ≤ 373 K and 1 atm
pressure.
Empirical relations expressing the Henry’s constant as a

function of temperature have also been derived from
experimental data90,91,96,98 and are similar in form to eq 9
above.
The Henry’s constant decreases with as temperature

increases and therefore, in view of eqs 4 and 8 above, the
solubility of CO2 in pure water decreases with increasing
temperature and increases with increasing pressure.
3.2. CO2−Seawater/H2O−Electrolyte(s) Systems. The

solubility of a gas in an electrolyte solution usually decreases
when compared to its solubility in “pure” water. This is
generally referred to as the “salting-out effect” and described by
the Sechenov99 equation. For the case of carbon dioxide, this
equation can be written as follows:

=
⎛
⎝
⎜⎜

⎞
⎠
⎟⎟

s

s
kcln CO ,0

CO ,s
s

2

2 (10)

where sCO2,0 and sCO2,s are the solubilities of CO2 in pure and
saline water, respectively; k is the Sechenov constant, and cs is
the molar concentration of salt. The type and concentration of
electrolyte (or a combination of salts), gas, and temperature
will have an effect on the value of k. Several empirical models
are available in the literature to estimate the Sechenov
constant.100−103

Similarly, the Henry’s law coefficient of CO2 in aqueous
saline solutions can be modeled by104

γ= =
⎛
⎝
⎜⎜

⎞
⎠
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H

H
k Iln lnCO ,0

CO ,s
CO s

2

2
2

(11)

where HCO2,0 and HCO2,s are the Henry’s constants of CO2 in

pure and saline water, respectively; γCO2
is the activity

coefficient of CO2 in the liquid phase; ks is the salting-out
parameter; and I is the ionic strength of the solution.
Generally, the empirical correlation of Sechenov is

reasonably accurate at low to moderate salt concentrations
(1−4 mol/L, according to Darwish and Hilal,105 and 1−8 mol/
L, according to Schumpe101), and low to moderate conditions
of temperature and pressure. However, deviations occur at very
low and very high salt molarities, and high temperatures and
pressures.
Thermodynamic modeling of CO2−seawater/H2O−electro-

lyte(s) systems is extremely complicated, because of the various
ionic interactions and dissociations of the numerous chemical
species present in seawater.106 Several investigators107,108

attempted to account for these complexities and determine
the activity coefficients of solutes by utilizing the Pitzer
interaction model.109 However, several workers relied on
simplifying assumptions in order to determine the solubility
CO2 in these systems for restricted ranges of temperature and
pressure. For example, Weiss110 used the virial EOS to correct
for deviation from ideality for the gas phase, while the
integrated form of van’t Hoff’s equation was used to account for
the temperature dependence of solubility at constant salinity
and the dependence of Henry’s constant on the salinity of the
solvent was expressed in terms of the Sechenov’s equation.

Taking into account temperature and salinity, a solubility
equation, was derived from the integrated van’t Hoff equation
and the logarithmic Sechenov salinity dependence.
Many correlations that relate the Henry’s constant to salinity

and temperature are available in the literature. However, these
correlations were obtained by fitting the experimental data and
are used for the CO2−H2O−NaCl system

92,98,107,111 and for
the CO2−seawater system

110,112,113 and are valid for a range of
temperatures, pressures, and concentrations. A commonly used
correlation for the determination of Henry’s constant in the
CO2−seawater system is the Weiss equation,110 derived using
the methodology described earlier:
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where A1−A3 and B1−B3 are constants determined by data
fitting, HCO2,s is the Henry’s constant for seawater, and eq 12 is
valid for 273 K ≤ T ≤ 313 K and 0 g/kg ≤ S ≤ 40 g/kg.
HCO2,s decreases as the temperature increases at constant

salinity, and decreases as the salinity increases at constant
temperature,110,112,113 thus leading to a decrease in solubility
with the increase in temperature and salinity.
Several correlations that relate the dissociation constants K1

and K2 to salinity and temperature are available in the literature.
These correlations for the CO2−seawater system are obtained
by fitting the experimental data,114−118 and these are valid for a
wide range of temperatures, pressures, and concentrations. The
following correlation was proposed by Millero et al.114 for
determining the dissociation constants K1 and K2:

− = * +
*

+ *K K A
B

T
C Tp p lni i i

i
i,s ,0 ,s

,s
,s (13)

where i = 1 or 2, pKi,0 is the pure water dissociation constant
calculated from a correlation similar to that given by eq 13
above, and Ai,s*, Bi,s*, and Ci,s* are adjustable parameters, which are
functions of the seawater salinity S (in g/kg). Equation 13 is
valid for the range of 273 K ≤ T ≤ 323 K and 0 g/kg ≤ S ≤ 50
g/kg.
Accordingly, K1 and K2 increase as the temperature increases

at constant salinity and increase as the salinity increases at
constant temperature.114−118

3.3. Methods for Measuring CO2 Solubility. Standard
methods for the measurement of carbon dioxide concentration
in aqueous solutions are described in refs 119 and 120. Several
of these methods have been utilized by researchers investigating
the absorption and desorption of carbon dioxide. They include
measurements in the liquid phase, measurements in the gas/
vapor phase, and methods based on calculation (mass balance).
Measurements in the liquid phase include extracting a sample

for analysis by several methods such as titration,42,113,121 or
combustion−infrared total organic carbon (TOC) meter,122

variable-volume equilibrium cell enclosed in a constant
temperature controlled oven,98 in situ measurements using
several types of probes and meters such as pH probes,29,30

conductivity probes,37,44,123 a CO2 immersion probe with a gas-
permeable membrane,56,57,77 and a CO2 meter with a gas-
permeable membrane and an in-built infrared absorption
cell.61,66
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Measurement of carbon dioxide in the vapor/gas phase
include gas extraction, either in situ from a purged gas sample
or from a liquid sample, and analysis by coulometry,63,108 gas
chromatography,39,45 and nondispersive infrared (NDIR)
detection.57,124,125

Calculation (mass balance)-based methods include calculat-
ing the difference between inflow and outflow gas rates,41

flashing a solution of dissolved carbon dioxide into a sample
cylinder until the pressure of the cylinder reaches atmospheric
pressure, then weighing the cylinder and measuring the
pressure,111 weighing the mass of a solution containing carbon
dioxide, measuring the temperature, volume and pressure of the
sample after releasing CO2 into a vacuum evacuated vessel,126

weighing a sample containing CO2 before and after bringing it
into contact with CO2-absorbing components such as KOH127

or activated charcoal,128 and using the Ostwald method where a
known volume of solution is brought into contact with a known
volume of CO2 until equilibrium is reached, after which point
the volume of excess gas is determined.129

Many investigators have stated that the two most commonly
used aqueous CO2 measurement methods, pH and titration, are
not recommended for use in seawater and wastewater
applications, because these methods yield inaccurate results,
because of the interference of certain dissolved compounds in
titration results and to large errors in the measurement of pH in
seawater.130−132 The methodologies proposed in refs 133 and
134 for oceanographic measurement of CO2, which include
several of the gas measurement techniques detailed above, and
the two in situ CO2 probes are recommended for seawater
applications.

4. MASS TRANSFER
Gas−liquid contacting emphasizes the enhancement of
interphase mass transfer, which is usually achieved by
dispersing the gases into fine bubbles that possess large
interfacial area of contact, and by enhancing the interphase
mass-transfer coefficient. However, the transfer of a component
from one phase to another is governed by a wide array of
complex processes such as concentration gradients, molecular
diffusivities, mixing conditions, bulk and interfacial rheology,
chemical reactions, temperature, and pressure.135 Mass-transfer
effectiveness is usually expressed by means of the volumetric
mass-transfer coefficient, Ka, where the effect of the
aforementioned variables (with the exception of the concen-
tration gradients and the interfacial area of contact) is reflected
in the value of the mass-transfer coefficient, K. While the
interfacial area of contact is controlled by the hydrodynamic
and interfacial forces that determine breakage and coalescence
rates, the value of the mass-transfer coefficient is dependent on
the hydrodynamics of the continuous phase, size of the drops/
bubbles, the mobility of the interface, slip velocity and the
physical properties of the system.135 Unfortunately, the
complex hydrodynamic conditions encountered in most of
the contactors/reactors investigated led to the development of
a large number of equipment-, and system-specific mass-
transfer correlations, which apply only to very narrow and
particular conditions.30,44,123,136 An alternative technology that
has also been gaining momentum, recently, relies on non-
dispersive contact through microporous hollow fiber mem-
branes to overcome the hydrodynamic challenges in gas−liquid
contacting.137 Mass transfer occurs by diffusion across the
interface just as in traditional contacting equipment; however,
in these membranes, the driving force for separation is a

concentration rather than a pressure gradient.48 Membrane
chemistry and structure, flow configuration and module
geometry, pressure and temperature, as well as gas and liquid
flow rates, still play a major role in determining the efficacy of
this technology.48,137

However, this section reviews the experimental determi-
nation of kLa under different operating conditions. It considers
the investigations dealing, first, with CO2 absorption, and
second, with desorption in water and saline solutions in the
various traditional and membrane-type contactors. Further-
more, factors influencing the overall mass-transfer coefficient
and the kinetics of the dissolution are mentioned, and the
empirical correlations describing the various experiments are
presented.

4.1. Absorption Studies. Gas absorption is a process in
which soluble components are removed from a gas stream by
direct contact with a liquid phase for the purpose of preparing a
solution of these in the liquid. Such operations require mass
transfer of the substance from the gas stream to the liquid.138

4.1.1. Absorption by Dispersive (Direct-Type) Methods.
The effect of cylindrical screen packings on gas holdup and rate
of mass transfer in counter-current gas−liquid bubble columns
was studied by Chen and Vallabh.42 They used a mixture of
known proportions of air and CO2 then determined the rate of
CO2 absorption via titration. The authors reported that
packings reduced liquid surface fluctuation and enlarged the
range of gas flow over which bubble columns operate.
The volumetric mass-transfer coefficient was obtained from

liquid-phase composition changes using eq 18 in Table 1
(presented later in this work). However, the resulting values
were very conservative, because they neglected the effect of
nonideal flow, which is typical for bubble columns since their
flow patterns fall between no back-mixing and complete mixing.
However, this did not prevent them from observing an increase
in kLa with increasing gas flow rate, after which kLa levels off
and remains constant. In addition, screen packing was also
found to impact the mass-transfer rate, where a smaller screen
opening area resulted in an increase in kLa, because of a
decrease in the size of bubbles.
Jeng et al.43 used a bubble column to study the effects of

surfactants on CO2 absorption under fixed gas flow rates. They
compared the performance of two different gas distributors: a
steel sparger with 21 holes of 1 mm diameter and another made
of sintered 100 μm glass powder. The concentration of
dissolved carbon dioxide was calculated from the pH value of
the liquid samples. Jeng et al.43 observed that while the addition
of surface-active materials suppressed the expansion and
compression of the bubble surface, leading to a decrease in
the value of kL; the number of gas bubbles per unit volume,
increased, leading to an increase in the gas−liquid interfacial
area. This is in accordance with most gas−liquid mass-transfer
studies136,139−142 where surfactants are known to delay bubble
coalescence leading to an increase in the interfacial area of
contact between the phases. Because of these opposing factors,
the maximum kLa values occurred at very low surfactant
concentrations. Further, experiments ran using sintered glass
powder as a gas distributor resulted in higher kLa values than
those using the steel gas distributor.
Álvarez et al.136 studied the absorption of CO2 in aqueous

solutions of sucrose and surfactants in a bubble column under
batch conditions. The experiments were conducted with pure,
humidified, CO2 gas at a constant flow rate, and the absorption
rate was calculated as the difference between the inflow and
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outflow CO2 rates. They also assumed that CO2 diffusivity and
solubility are not affected by the presence of surfactants in the
water and, because of continuous mixing and low liquid-phase
viscosity, CO2 concentration in the bulk liquid was assumed
constant at any given time. Álvarez et al. observed that the
experimental kLa values increased with superficial gas velocity
(ug), and decreased with an increase in the concentration of
sodium lauryl sulfate ([SLS]), kLa also decreased with
increasing viscosity and an increase in the pore size of the
gas disperser. The numerical values of kLa for the SLS−
sucrose−CO2 system were then correlated with the superficial
gas velocity and the physical properties of the liquid phase to
generate eq 19 in Table 1 (presented later in this work), which
reproduced their experimental data within ±10%.
Later, Álvarez et al.41 reinvestigated the effect of surfactants

on CO2 absorption using their previous experimental setup136

operating under a continuous regime. Using first principles of
mass transfer, eq 23 in Table 1 (presented later in this work)
was derived and used to calculate the volumetric liquid mass-
transfer coefficient. The authors observed an increase in kLa
with an increase in the flow rate of both phases due to the
consequent increase in the interfacial area of contact between
the phases. However, high gas flow rates induced bubble
coalescence and decreased kLa. Alternatively, the presence of
surfactants had a positive effect on mass transfer at very low
concentrations, but a negative effect at higher levels. This is in
accordance with the aforementioned findings of Jeng et al.43

While the authors attributed the mass-ransfer enhancement at
low concentrations to interfacial turbulence (Marangoni effect),
the decrease at higher concentrations was explained by an
increase in the mass-transfer resistance due to the accumulation
of surfactant molecules at the interface (barrier effect).
Panja and Rao123 proposed a dynamic response method for

the evaluation of kLa. Their technique relies on sparging pure
CO2 into a batch mechanically agitated contactor and measured
the change of electrical conductivity as a function of time,
which is caused by the formation of carbonic acid. While their
method is based on sound physicochemical analysis, it requires
substantial amount of mathematical processing to evaluate kLa
for every run. It necessitates guessing an approximate value of
kLa in order to solve a set of coupled differential equations to
estimate the various ion concentrations in the solution. These
concentrations are then inputted in another set of algebraic
equations to solve for a theoretical value of the temporal change
in conductivity, which is then used to solve for the actual
increase in conductivity of the solution by solving another
differential equation. The last step consists of calculating the
sum of squares of differences between the computed and
measured values of the conductivity for various initial guesses of
kLa (required to obtain the theoretical value of the
conductivity). The actual value of volumetric mass-transfer
coefficient is then obtained by searching for the minimum of
the above computed sum of squares.
In accordance with most investigations, Panja and Rao123

found an increase in kLa with increasing the power input per
unit volume of liquid and increasing ug. The experimental
findings were then correlated against these two parameters to
obtain eq 24 in Table 1 (presented later in this work). It should
be noted that a 25%−35% increase in gas holdup was observed
when tap water was used instead of distilled water, because of a
higher conductivity of the former.
Thaker and Rao44 applied the technique developed by Panja

and Rao123 in a bubble column reactor to study the

hydrodynamics of carbon dioxide absorption in distilled
water. The feed gas was saturated with water vapor before
passing through a packed-bed disperser and titration was used
to analyze the water samples. While an increase in kLa was
observed with an increase in ug, the liquid height in the column
had the opposite effect. This trend is clearly observed in their
reported empirical correlation where all the experimental data
obtained for a bubble column operated under varying
conditions were fitted to obtain eq 21) in Table 1 (presented
later in this work). Thaker and Rao44 further studied the effect
of staging the column by adding a redistribution plate at a
height four times its diameter. This redispersion increased the
gas holdup in the second stage, and subsequently the interfacial
area of contact between the phases, by 5%−10% and the power
requirements by 2.5%; however, a 20%−40% increase in kLa
was observed. The authors then estimated kLa obtained in the
second stage and correlated their findings with only one
parameter, ug, to obtain eq 22, while reporting that the first-
stage kLa can be obtained from eq 21 by fixing the value for the
column height to that of the redistributor height. It should also
be noted that they reported higher kLa values under desorption
conditions, as compared to absorption conditions.
Hill 30 used pH measurements to directly measure the

volumetric mass-transfer coefficient of carbon dioxide dissolv-
ing from bubbles into a well-mixed reactor. He reported a
positive effect for the temperature, aeration rate, and stirring
speed on the rate of CO2 transfer with the mixing speed having
the greatest effect on kLa, followed by aeration rate and
temperature, and their findings were correlated using eq 25.
Hill30 also reported that the addition of salt (2.85% NaCl
solution) resulted in a decrease in kLa, which contradicts the
findings presented in refs 29, 106, and 143. Furthermore, using
the chemistry of carbon dioxide dissolution in water, and
assuming that the concentration of carbonate and hydroxide
ions can be neglected, Hill30 derived the model presented in eq
14 to predict the transfer of CO2 into the aqueous phase.

= * − × −
+

⎛
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t
k a c c

K
K K c

d

d
( ) 1

( [ ])
CO

L CO
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1 1 CO
0.5

2

2

2

(14)

where cCO2
is the concentration of dissolved CO2 (in mol L−1),

c* is the saturation concentration of carbonic acid in aqueous
solution (in mol L−1), and K1 the equilibrium constant of the
dissociation of carbonic acid into bicarbonate ion (in mol L−1).
Kordac ̌ and Linek29 criticized the analysis of Hill30 for the

estimation of CO2 solubility and determination of kLa. They
presented a new method that utilizes the pH probe response to
evaluate kLa. In contrast with the method presented by Hill,30

their method does not require knowledge of the reaction
equilibrium constant, the experiment start time, or the initial or
final steady-state pH readings. Assuming (i) ideal mixing in the
gas phase, (ii) negligible gas-phase mass-transfer resistance, and
(iii) that CO2 undergoes a reversible reaction in the liquid
phase (fast enough to keep the concentrations of carbonate,
bicarbonate, and hydrogen ions in equilibrium), Kordac ̌ and
Linek29 presented eq 15 as the model that describes the
concentration profile of CO2 in the bulk liquid phase.
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In addition, for pH <5, the dynamic change can be written as in
eq 16:

=
+

* −⎜ ⎟⎛
⎝

⎞
⎠

C

t
k a

A
A

C C
d

d
0.99

1
( )CO

L CO
2

2 (16)

where

=A
Q H

k aV RT
G CO

L L

2

(17)

where C* is the saturated solute concentration (in mol L−1),
QG is the gas flow rate (in L s−1), VL is the liquid volume in the
reactor (in L), HCO2

) is the Henry’s coefficient (in atm L
mol−1), R is the gas constant (in atm L mol−1 K−1), and T is the
temperature (in K).
Kordac ̌ and Linek29 further showed that eq 15 would give

larger kLa values that those calculated using eq 14 of Hill,30

because of the use of an incorrect absorption driving force in
the model, and they observed an increase in kLa values in salty
solutions (2.85% NaCl solution) over pure water solutions.
Moreover, an increase in the agitator frequency resulted in an
increase in kLa values, which agrees with other reports.36,38,144

Evren et al.45 used a packed-bed recirculating absorption
column to determine the mass-transfer coefficients for the
absorption of CO2-air mixtures in water by modifying the
technique of Evren and Ozdural.145 They derived a model from
mass balances to numerically solve for kLa. Similar to the
solution technique of Panja and Rao,123 finding kLa requires
that the solution starts with an initial guess of its value then the
predicted concentration−time profiles be compared with
experimental measurements (obtained using a carbon dioxide
electrode) and then reiterate by changing the value of kLa until
a good agreement is reached. Based on their experimental setup
and modeling technique, they deduced that overall mass-
transfer coefficients increased with liquid velocity and gas
holdup; however, no effect of temperature or gas inlet
concentration on kLa was observed. It should be noted that,
in their experimental investigation, both the liquid and gas flow
rates were modified simultaneously and, therefore, the influence
of a single parameter on CO2 absorption cannot be deduced.
The value of the volumetric mass-transfer coefficient (kLa) is

affected by both the interfacial area of contact between the
phases (a) and the mass-transfer coefficient (kL), and the
cumulative effect of both parameters would dictate whether an
increase or decrease in the overall value is observed. The
aforementioned studies showed that an increase in the gas flow
rate, independently of the contactor/reactor type, will induce
an increase in the value of kLa. In addition, an increase in the
power input to the system also enhances the mass-transfer
performance of the contactor. The latter can be achieved by
either increasing the rotational speed of the stirrer in a
mechanically agitated tank, or by increasing the flooding rate
(i.e., gas flow rate) in a bubble column.
Furthermore, surface active agents were found to affect the

mass-transfer performance, depending on their concentration in
the system. While a low concentration of surfactants was found
to enhance mass transfer, a higher concentration was reported
to reduce the performance of the contactor by lowering the
value of kLa. This can be attributed to the fact that a low
concentration of surface active agents would increase the
interfacial area of contact, because of coalescence retardation,
by a factor that outweighs the decrease in the value of the mass-
transfer coefficient, because of the imposed additional

resistance to the interface. Consequently, further additions of
surfactants would break this balance and the value of kLa
decreases because the enhancement in the value of a cannot
further offset the increase in the mass-transfer resistance.
However, the situation remains ambiguous when considering

the presence of electrolytes in the system. Contradictory results
are found in the literature and a consensus on a positive or
negative impact has yet to be reached. This is aggravated by the
fact that only few investigators studied their effect on the
absorption of CO2 in water, rendering the need for further
investigations of paramount importance.
Figure 1 shows the range of the measured volumetric mass-

transfer coefficients reported in the aforementioned studies. It

clearly shows the higher performance of stirred vessels as
compared to bubble columns. This can be attributed to the
ability of increasing the power dissipation in the system, by
increasing the rotational speed of the stirrer, which leads to
finer dispersions and consequently higher kLa values. It should
be noted that the low number of reported data for counter-
current packed columns is due to the fact that the only studies
found were for the case of CO2 absorption.
Table 1 summarizes the various reactor types and operating

conditions as well as the experimentally determined kLa values
reported in the aforementioned investigations.

4.1.2. Absorption by Membrane Contactors. Membrane
contactors for the separation, removal, and capture of carbon
dioxide from combustion products have received considerable
attention in the literature. They use a variety of separation
techniques (gas−gas, gas−liquid chemical or physical absorp-
tion) and employ various types of membranes (porous, dense,
permeation, and liquid membranes). Several reviews48,146−154

deal with various aspects of this technology, such as the choice
of process, membrane types, fabrication processes, modules and
characteristics (materials, morphology, selectivity, wettability),
flow arrangement (co-flow, counter-flow, cross-flow, shell/
lumen side fluid choice), effects of operating conditions
(temperature, pressure, and concentrations), mass-transfer
characteristics and modeling, choice of absorbent/solvent and
effects of minor components such as noncondensable and
condensable gases, current status, and research needs.
The removal of carbon dioxide via the use of nondispersive

gas−liquid separation in porous hollow fiber membranes is
reported to offer several advantages over the conventional
direct type gas−liquid absorption equipment (e.g., packed
towers, spray towers, and bubble columns). These advantages
include high surface area per contactor volume, separate
channels for liquid and gas flow (thus overcoming problems
encountered in the conventional systems such as flooding,
loading, weeping, entrainment and foaming), smaller footprint,

Figure 1. Comparison between kLa values for CO2 absorption in
various types of contactors/reactors.

Industrial & Engineering Chemistry Research Review

dx.doi.org/10.1021/ie403245p | Ind. Eng. Chem. Res. 2014, 53, 2−227



T
ab
le

1.
Su
m
m
ar
y
of

th
e
A
bs
or
pt
io
n
St
ud

ie
s
U
si
ng

D
ir
ec
t-
T
yp
e
M
et
ho

ds

au
th
or
s

ex
pe
rim

en
ta
l

se
tu
p

k L
a
va
lu
es

(s
−
1 )

k L
a
co
rr
el
at
io
n

co
nd
iti
on
s

m
et
ho
d
of

m
ea
su
re
m
en
t

C
he
n
an
d

V
al
la
bh

42
a

bu
bb
le
co
lu
m
n

(3
.3
−
10
)
×
10

−
2

ρ
=

′

Δ
k

a
N

A
Z

c
L

C
O

c
0

L
L

2

(1
8)

0.
03

kg
s−

1
m

2
<
G
<
0.
18

kg
s−

1
m

2 ;
L
=
12

kg
s−

1
m

2 ;
0.
5
pa
ck
in
g

tit
ra
tio

n

Je
ng

et
al
.43
b

bu
bb
le
co
lu
m
n

(2
−
12
)
×
10

−
4

ε
=

−
−

*
− *
−

⎛ ⎝⎜
⎞ ⎠⎟

k
a

t

c
c

c
c

(1
) ln

L
C

O 0

2

(1
9)

0
<
[S
D
B
S/
D
T
M
A
C
]
<
4
×
10

−
4
m
ol
/L

pH

À
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operational flexibility for modular construction and scaleup, and
less energy use.48,137,147

Despite these advantages and the increasing research effort,
the use of hydrophobic (and some hydrophilic) hollow fiber
gas−liquid membrane contactors for CO2 capture from
combustion product gas streams remains restricted to
laboratory and pilot-scale investigations and has not, as yet,
been adopted on an industrial scale.48,152 This is due to several
unresolved technical challenges and disadvantages, such as
membrane wetting (where liquid enters the membrane pores),
fluid channeling and bypassing on the shell side, changes to
membrane characteristics brought about by reactions with
absorption solvents, bubble formation under certain operating
conditions, interference of other compounds in the gas stream,
excessive pressure drop for liquid flow through the lumen side
and the short-term thermal and chemical stability of the
membranes.48,152,155 These factors will lead to rapid deterio-
ration in the mass-transfer performance of the membrane
contactors, excessive operational and maintenance costs, and
downtime.
In this work, the discussion will be limited to gas−liquid

physical separation processes in hollow fiber porous membrane
contactors used for the absorption/desorption of carbon
dioxide into and from water streams.
The earliest reported work on the use of hydrophobic hollow

fiber membranes for gas−liquid separation was by Cussler and
co-workers.156−158 Since then, a considerable amount of
research effort has been expended on investigating the use of
several types of hydrophobic (and, in some cases, hydrophilic)
membrane contactors for absorption of carbon dioxide in
distilled (or ionized or reverse osmosis product) water. These
investigations sought to evaluate the efficacy of water as a
potential CO2 absorbent,77,159 to determine the effects of
membrane structure,160,161 materials,162,163 additives,164 wet-
ting165,166 and variable operating conditions167 on the CO2
absorption performance, flux, and overall mass-transfer
coefficient. Further studies attempted to compare the
absorption performance of many solvents, such as alkanol-
amines (DEA, MEA, AMP), propylene carbonate, sodium
hydroxide, nanofluids, with those of water,50,164,168−174 evaluate
the absorption/desorption processes under similar operating
conditions,47 and verify experimental results against theoretical
modeling.49,175−180

What follows is an overview of the literature pertaining to
absorption of CO2 by water in membrane contactors where the
volumetric and overall mass-transfer coefficients, the effect of
operating variables (liquid side and gas side flow rates,
temperature, pressure and concentration), fluid allocation
(tube or shell-side), membrane wetting, membrane materials,
and removal efficiency of CO2 will be briefly discussed.
Many of the earlier investigations159,181,182 determined,

experimentally, the volumetric mass-transfer coefficient (kLa)
for hollow fiber membrane contactors. All three investigations
reported high surface area:volume ratios (in the range of 1080−
5200 m2/m3) and high volumetric mass-transfer coefficients (in
the range of (75−360) × 10−3 s−1). The reported kLa values
were obtained for nonwetted membrane conditions. Karoor
and Sirkar159 reported a 25% reduction in the Sherwood
number for the wetted mode of operation.
More recently, the majority of experimental investigators

have utilized a “one-dimensional” modeling approach,154 which
is based on the classic film theory, along with the assumption of
a negligible gas-side mass-transfer resistance (an assumption

that has been verified experimentally by several research-
ers,168,175,182 to determine the overall mass-transfer coefficient
Kol, which is given by

= +
K k k
1 1 1

ol L M (27)

The one-dimensional model combined with the Wilson plot (a
plot of the reciprocal of the overall mass-transfer coefficient Kol,
vs uL

−α, where uL is the liquid side velocity and α is the value
that provides the best straight line) were used to fit the
experimental data into an appropriate correlation describing the
dependence of Kol on uL and to obtain a value for the
membrane resistance.
Table 2 summarizes the results of these investigators, where

the characteristics of the membrane contactor system
(membrane type, inlet gas composition, flow arrangement
and tube-side/shell-side fluid allocation), the nature of the
dependence of the overall mass-transfer coefficient on the
liquid side velocity, the values for the membrane and overall
mass-transfer coefficients, and the contribution of the
membrane resistance to the overall mass-transfer resistance
are detailed.
With the exception of refs 159 and 168, most of the

investigators did not provide a justification for the shell-side/
tube-side fluid allocation. Karoor and Sirkar159 stated that, for
the counter-current flow configuration, the gas absorption rates
were significantly lower when the gas stream flowed on the tube
side, compared to the flow of gas on the shell-side due to side-
shell liquid channeling. On the other hand, Ozturk and
Hughes,168 quoting the findings of Cooney and Jackson,183 who
investigated a chemical absorption system, claimed the opposite
effect; i.e., gas flow on the tube side gave much better
absorption results as a result of the elimination of shell-side gas
channeling.
The values for the overall mass-transfer coefficient for shell-

side water flow ranged over 2 orders of magnitude and were in
the range of 2.0 × 10−6−1.0 × 10−4 m s−1, whereas for tube-
side water flow, the Kol values were in the range of 3.7 × 10−6−
1.5 × 10−4 m s−1. The values for the membrane mass-transfer
coefficient (kM) showed a similar spread, where the kM values
for shell-side water flow were in the range of 5.3 × 10−6−1.8 ×
10−4 m s−1, while those for the tube-side water flow were in the
range of 4.6 × 10−5−2.9 × 10−4 m s−1. The membrane
resistance represented, in some cases, a substantial percentage
of the overall resistance to mass transfer (larger than 85%).
All of the investigators have shown that the liquid side

velocity has a strong influence on the overall mass-transfer
coefficient, where Kol was found to increase with increasing
velocity. However, there is disagreement as to the exact nature
of this dependence where, as can be seen in Table 2, the value
for α is in the range of 0.31−0.93 when water flows on the shell
side (see Table 2a) and in the range of 0.33−0.94 when water
flows on the tube side (see Table 2b). For water flow on the
shell side, the majority of workers reported the value of α to be
equal to 0.93.160,162,163,184,185 On the other hand, for water flow
on the tube (lumen) side, and with the exception of
Mansourizadeh and co-workers47,167,186 who reported two
values for α (0.6 and 0.93), almost all of the other
researchers159,169,170,172,182,187 have found α to be equal to
0.33, which is the value associated with the Graetz−Leveque
correlation.
Several researchers investigated the effect of increasing the

water temperature on the absorption of CO2,
47,50,167 where all
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of the experimental results indicated that the removal efficiency
and CO2 flux decreased as the temperature increased, as a result
of the solubility effect of CO2 (which decreases with increasing
temperature) dominating over the diffusion effect (which
increases with increasing temperature). Simulation re-
sults49,177,178 were in agreement with the experimental findings
above.
Increasing the gas-side and liquid-side pressures leads to an

increase in the CO2 absorption flux due to the increase in CO2
gas-phase concentration and increased solubility of CO2 in the
liquid phase (CO2 solubility increases with increasing
pressure).47,167 The effect of pressure on the overall mass-
transfer coefficient for water systems does not appear to have
been investigated. However, for chemical absorption, the results
appear contradictory: Dindore et al. 169 reported no influence,
whereas Lu et al. 188 found that increased pressure led to
increased pore wetting and, thus, to a deterioration in Kol. The
influence of increased pressure on membrane wetting was
confirmed more recently by the simulation studies of Boributh
et al.49

The inlet CO2 concentration appears to have a negligible
effect on Kol

49,189 and may have an influence on the CO2
absorption flux and absorption efficiency where the flux was
found to increase with the increasing CO2 inlet concen-
tration,49,172 while the removal efficiency was found to decrease
slightly with the increase in inlet concentration.174

Most investigators have reported that membrane wetting,
even at very low values, leads to a substantial increase in the
membrane resistance and will, therefore, result in a large
decrease in the K o l va lue a t h igh l iqu id flow
rates.159,166,171,181,182,190 Membrane wetting is affected by
several factors, such as membrane properties, solvent proper-
ties, interaction between solvent and membrane, and operating
conditions.154,170,171,182,188,190 However, it appears that the
mechanisms and the underlying causes of the wetting process,
for example, the plasticizing effect of CO2 on the membrane
fibers,191 chemical reactions between solvent and membrane
surface,192 modification of the membrane hydrophobicity by
the solvent,182 and/or capillary condensation inside membrane
pores,193 remain in dispute.194

Several researchers have stated that membranes with high
hydrophobicity, where hydrophobicity is characterized by the
contact angle between liquid absorbent and membrane, are
more resistant to wetting.162,173,194 Thus, polytetrafluoro-
ethylene (PTFE) membranes, which, according to several
researchers, are more hydrophobic than other commonly used
membranes such as polypropylene (PP), polysulfone (PSF),
and polyvinylidene fluoride (PVDF), are considered to be the
most resistant to wetting.50,162,195,196

Several studies have reported moderately high CO2 removal
efficiencies with water as the absorbing fluid,159,190 in the range
of 68%−76%, while others have reported much lower values, in
the range of 5%−40%. When the absorption performance of
other solvents, particularly the alkanolamines, were compared
to water, the removal efficiencies of CO2 by these solvents
were, in all cases, several times higher than those reported for
water.168,173,182

Comparing membrane systems to other contactors, Kreulen
et al.181 stated that overall mass-transfer coefficients, Kol, in
packed towers are higher than those in membrane contactors,
because of the existence of an additional resistance in series
(membrane resistance, 1/kM) and to the laminar flow
conditions associated with membrane systems but, given the

larger surface area:volume ratios reported in membrane
systems, the packed towers are expected to be the least-
efficient absorbers. In addition, Karoor and Srikar159 compared
their kLa values with values obtained for packed beds, as
reported by Sherwood and Holloway,197 and others (see Table
3a) where the membrane kLa values were much higher than
those for the packed tower system. Similar observations were
made in refs 182, 195, 198, and 199 for chemical absorption of
CO2. More recently, however, Yan et al.200 have shown that,
when membrane wetting and plugging are taken into account,
the cost of a membrane contactor system for chemical removal
of CO2 is substantially higher than the conventional packed-bed
process.
Figure 2 comparatively shows the range of the overall mass-

transfer coefficient (Kol) reported in the aforementioned studies

for the case when water is flowing on the shell-side and the
lumen-side. The lower resistance to mass transfer when water is
on the lumen side of a PTFE membrane can be clearly
discerned from these graphs. Furthermore, narrower ranges for
the value of Kol are reported when water flows on the lumen
side as compared to the shell side.

4.2. Desorption Studies. In contrast with gas absorption,
desorption is employed when it is desired to transfer volatile
components from a liquid mixture by use of a stripping agent,
which is often a gas. However, the principles of both absorption
and desorption are the same and it is very common to study
both operations at the same time.138,201

4.2.1. Desorption by Dispersive (Direct Type) Methods.
Desorption of carbon dioxide from tap water in counter-current
packed towers, using air as the stripping gas, was investigated by
several authors.197,202−205 All five investigators reported an
increase in kLa with increasing temperature. Sherwood et al.,202

Sherwood and Holloway,197 Rixon,204 and MW Kellogg205

found that kLa was independent of the gas flow rate per area
(G) and increased with the increase in the liquid flow rate per
area (L). On the other hand, Cooper et al.203 reported that kLa
varied with both G and L and that for a specific L value, the
increase in kLa with the increase in G tended to fall off at the

Figure 2. Graphical comparison of Kol values for the various
membrane types when the water is on the shell side or on the
lumen side.
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higher values of G. MW Kellogg,205 who performed desorption
experiments of carbon dioxide from seawater, observed that the
kLa values for seawater were somewhat higher than those
recorded for tap water. The mass-transfer correlations are listed
in Table 3b (presented later in this work).
Voyer and Miller206 investigated desorption of carbon

dioxide from distilled water in packed and unpacked cocurrent
columns using air as the stripping gas. The volumetric mass-
transfer coefficient was found to be higher for the packed
configurations; it increased as the liquid flow rate increased,
independent of the gas flow rate, and decreased as the column
height increased.
Shluman and Molstad207 investigated absorption and

desorption of carbon dioxide from tap water in counter-current
plate bubbled columns of various plate porosities using air as
the stripping gas. At a constant liquid rate, three distinct regions
described the variation of the kLa with the change in the gas
rate. In the “streamline” region, at the lower end of gas rate
values, kLa increased with the increase in the gas rate until a
point was reached where the relationship was reversed and kLa
decreased with increasing gas rates; this second region was
called the “intermediate” region. Upon further increases in the
gas rate, another abrupt change occurred and further increases
in gas rate had no effect on kLa; this region was termed the
“turbulent” region. The dependence of kLa on temperature, in
the streamline region only, and liquid rate, in all regions, were
similar to results reported by most previous workers; i.e., kLa
increased with the increase in temperature and liquid rate.
However, the variation of kLa with temperature in the turbulent
region showed an anomalous behavior, whereby kLa was found
to decrease as the temperature increased. kLa decreased as the
column height increased and was found to be independent of
the column diameter and plate porosity in all three regions.
Chaumat et al.40 performed a series of CO2 desorption

experiments in a semi-industrial-sized co-current bubble
column, using perforated plates and sparger hole diameter,
and with nitrogen as the stripping gas. kLa was found to
increase with the increase in the superficial gas velocity and to
increase slightly with increased liquid velocities. The sparger
type had no significant effect on kLa.
The desorption of carbon dioxide from supersaturated

distilled water solutions into gas streams of carbon dioxide,
air, and/or nitrogen was investigated in refs 208−210 using a
sphere column208 and agitated pressurized vessels.209,210 Two
types of desorption phenomena were identified: quiescent
desorption, which occurs when the carbon dioxide super-
saturation level is modest to low, and bubble desorption, which
occurs at high supersaturation levels. kLa was found to be
higher for bubble desorption209,210 and tended to increase with
the increase in the liquid stirring speed, the diameter of the
liquid stirrer and temperature.210 Hikita and Konishi210

correlated the experimental results into two separate equations
to represent the volumetric mass transfer in the two distinct
regions (see Table 3b, presented later in this work). Hikita and
Konishi211 then extended their earlier work to investigate the
effect of several electrolytes with varying concentrations
(sodium chloride, sodium sulfate, sodium bicarbonate, and
barium chloride) on kLa. The presence of electrolytes enhanced
the kLa values, when compared to distilled water, and the factor
by which the kLa increased by the presence of electrolytes was a
function of the ionic strength of the solution.211

Panja and Rao212 used a setup almost identical to the one
detailed in section 4.1.1 (i.e., a batch mechanically agitated

contactor, except that, in these studies, the impeller diameter
was smaller than for the absorption work) to determine the
volumetric mass-transfer coefficient for desorbing distilled
water presaturated with CO2 into a pure N2 stream. For the
same stirrer speed, the kLa values were higher at the lower gas
flow rate and were influenced very strongly by the stirrer speed,
where almost an order of magnitude increase in kLa was
obtained when the stirrer speed was increased from 200 RPM
to 600 RPM. Even higher kLa values were attained when CO2
was desorbed into an air stream; however, the results were not
reproducible at the high stirring rates.
Eshchar et al.69 and Aitchison et al.213 investigated

desorption of carbon dioxide from seawater69 and well
water213 in large-sized ponds using different aeration devices.
Submerged aerators gave the lowest kLa values while surface
aerators gave the highest values. Aitchison et al.213 reported
reduced kLa values at higher water alkalinities (in the range of
12%−39%).
Desorption of carbon dioxide from water in bubble columns

has been investigated by several researchers.81,214,215 Kataoka et
al.214 carried out desorption experiments in an industrial sized
bubble column using air as the stripping medium. The
experimental results were compared to the kL correlation
proposed by Akita and Yoshida141 for oxygen absorption in
water where it was concluded that the majority of the
experimental points, under the assumption of perfectly mixed
liquid and gas phases, were well correlated by the equation
presented by Akita and Yoshida.141

The stripping of carbon dioxide from spring water using air
or nitrogen as the sparging gas was investigated by Cabassud et
al.81 The authors found that the time required to reach a final
“stabilized” pH using the two sparging methods was nearly the
same and that the final pH of the decarbonated spring water
increased with the increase in the air flow rate; the maximum
pH recorded was 8.6. The investigators observed that the time
required to reach an intermediate pH value was shorter at the
higher air flow rates but that the volumetric mass-transfer
coefficient was independent of the air flow rate. These results
(final pH value and the effect of air flow rate) were in
agreement with the results reported in ref 59, who investigated
CO2 stripping from wastewater streams. However, Cohen and
Kirchman59 found that, when oxygen and nitrogen were used as
the stripping gas, the final pH values reached values of 9.7 and
10, respectively, as opposed to a pH value of 8.5 when air was
used. It is worthwhile noting that Howe and Lawler216 stated
that the rate of stripping of CO2 decreases with increasing pH,
because of the change in the fraction of the carbonic acid with
the change in pH and kLa is independent of pH. The fraction of
carbonic acid in water is a function of the [H]+ ion, which
decreases with increasing pH, and the two dissociation
constants K1 and K2. In addition, Cabasssud et al.81 also
investigated the use of a hybrid process where air was injected
into the spring water stream flowing through a hollow fiber
ultrafiltration membrane contactor in order to increase the pH
of the water without the use of chemicals. The final permeate
pH was the same irrespective of the air flow and was
comparable to values obtained using the bubble column
described above. However, kLa was almost an order of
magnitude higher than that for the bubble column (33 ×
10−3 s−1 for the membrane system versus 3.7 × 10−3 s−1 for the
bubble column).
Tokumura et al.215 conducted a series of experiments where

the absorption of oxygen in seawater and tap water was
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measured and the resulting correlation for kLa of oxygen was
corrected, in accordance with Higbie’s penetration theory, to
derive a correlation for the desorption/absorption of carbon
dioxide in water systems. The authors found that kLa increased
with the increase in gas rate and salinity. The authors also
conducted a series of experiments where CO2 stripping by air
from acidified seawater, tap and distilled water in a bubble
column were performed. The experimental results were then
compared to a rate-based model (which included both mass-
transfer and kinetic rate constants). The model predictions and
experimental results were found to be in good agreement.
The desorption of carbon dioxide in multieffect distillation

(MED) and multistage flash seawater (MSF) desalination units
was investigated by Glade, Al-Rawajfeh, and co-work-
ers.21,22,217−223 Release of carbon dioxide from these units
was modeled as a “coupled mass transfer and chemical
reaction” process. The model results were found for bubbles.
The kLa value determined using the microbubble diffuser was
29% higher than that obtained with the conventional bubble
diffuser.
Barrut et al.63 studied desorption of carbon dioxide from

fresh and seawater in a vacuum air lift co-current column
bubble using several types of air injectors (fine bubbles, micro
bubble diffusers, and open tube injectors). kLa increased as the
air flow rate and temperature increased and with reduced
bubble size. The experimental results were well-correlated in an
equation that relates kLa to these three variables (see Table 3b,
presented later in this work). The experimental results also
showed that kLa was slightly affected by water flow, airlift inner
pipe length and vacuum but was not affected by the salinity of
the water. A similar observation was made by Moran,61 who
noted that water salinity does not appear to have an effect on
mass transfer. On the other hand, Tokumura et al.215 reported
the kLa values for desorption of CO2 from seawater to be ∼1.5
times larger than those in tap water, while MW Kellogg205

found the seawater kLa to be slightly higher than that for tap
water and Hikita and Konishi211 observed a 1.4-fold increase in
the kLa for electrolytic solutions.
It is worthwhile noting that several investigators have

reported lower CO2 desorption rates from seawater compared
to desorption rates from fresh or slightly saline water.62,66,68

Moran66 provided the following explanation: desorption of
carbon dioxide is not a purely physical process but involves
both mass transfer and chemical reactions, where the relatively
slow dehydroxylation of HCO3

− to CO2 (eq 7) combined with
the ionization fractions of the inorganic carbon species prevent
the system from achieving equilibrium and thus hinder the
replenishment of the desorbed CO2, leading to a slowing of the
desorption deviate by as much as 30% from the experimental
values. The rate of desorption and the specific amounts of
carbon dioxide released were affected by the configuration type,
mode of operation and properties of the seawater. Higher top
brine temperatures, feed salinities, bicarbonate content,
concentration factor (ratio of brine salinity to feed seawater
salinity) and lower feed pH lead to an increase in the specific
amounts of carbon dioxide released. The specific amounts of
carbon dioxide released from the MED unit were lower than
those released in MSF units, because of the lower top brine
temperature and mass-transfer coefficient prevailing in the
MED unit.
Lisitsin et al.224 conducted CO2 desorption experiments in an

air-sparged stirred tank. kLa was found to be strongly
dependent on the agitation speed, where kLa increased with

increasing agitation speed. The rate of aeration also led to an
increase in kLa but the impact of this increase was not as
significant as the effect of varying agitation speeds. However,
the final recorded pH value (9.3) at the end of the stripping
process was higher than the values reported in ref 81.
Matsunaga et al.225 performed experiments to determine the

mass-transfer rate of carbon dioxide from deionized water and
model mediums in a stirred bioreactor at various volumes, air
stripping rates, and mixing speeds. The increase in pH reported
was very small (from pH 4.4 to pH 4.8) and the kLa values were
lower than those reported by other investigators and were
found to increase with the increase in air rate and mixing speed.
Al-Mashhahdani et al.226 investigated the absorption and

desorption of carbon dioxide in a tank using an airlift loop.
Nitrogen was used as the sparging gas for CO2 desorption and
the gas was introduced into the tank via either a nickel
membrane diffuser to produce conventional bubbles or a
ceramic diffuser with fluidic oscillation to generate micro-
process. These observations and explanations are anomalous to
the results offered by other investigators.61,215,216 Howe and
Lawler216 noted that the acid−base reactions are much faster
than diffusion across the mass-transfer zone and, therefore,
kinetics will not have any bearing on the rate of desorption and,
as mentioned previously, the rate is dependent on fraction of
the carbonic acid only. On the other hand, Tokumura et al.215

observed a faster desorption rate for acidified seawater
compared to acidified tap and distilled water and postulated
that this higher rate is due to “salting out” effect. Moran,61

investigating the stripping efficiencies of carbon dioxide from
fresh and saline water using an airlift system, noted that the
CO2 stripping efficiency was effectively the same between
salinities.
Insofar as can be ascertained, all studies agree that a rise in

temperature increases the rate of mass transfer, because of a
decrease in CO2 solubility in water at higher temperatures. A
general agreement also exists on the positive effect the increase
in either liquid or gas flow rate has on the value of kLa. Similar
to the case of absorption by dispersion, increasing the liquid
flow rate to the contactor/reactor would increase the energy
dissipation rate in the system, which enhances bubble breakage
and increases the contact area for mass transfer, leading to
higher kLa values. This is tantamount to increasing the stirring
speed in a mechanically agitated tank which also leads to a finer
dispersion and consequently enhances the rate of desorption of
CO2. However, the increase in the gas flow rate would lead to
an increase in the gas holdup and, accordingly, raises the
interfacial area of contact and the value of kLa.
The effect of salinity on the rate of CO2 desorption from

water is better agreed upon than its role in the case of
absorption by dispersion. Most investigators reported an
increase in kLa with an increase in water salinity, while very
few others found it to have no effect. This is generally in
agreement with the theory of “salting-out” where the solubility
of a gas in an electrolyte solution decreases compared to its
solubility in “pure” water.
Another parameter whose impact on the rate of desorption is

still not very well discerned in the literature is the stripping gas.
Whereas most investigators agreed that it does not affect kLa,
the maximum attainable pH after desorption has been directly
affected by whether air, pure nitrogen, or pure oxygen were
employed. Most studies reported a maximum pH of ∼8.5 when
air was used as the stripping agent, while values as high as 9.7
and 10 were recorded when N2 or O2 were employed. This is
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mostly due to whether the stripping gas does or does not
contain an initial CO2 concentration, which would affect the
extent to which CO2 can be stripped from water.
Figure 3 shows a graphical comparison between the

measured kLa values for desorption experiments in conven-

tional contactors/reactors. It clearly shows the wide spectrum
over which the measured data are spread. It is interesting to
note that, for CO2 desorption studies, the range over which
these values are distributed can be directly linked to the
hydrodynamics of the system. The bubble column shows the
smallest range of variation, because its hydrodynamics are
bounded by the rise velocity of the bubbles and the dispersed
phase volume fraction in the system. Larger rise velocities, or
higher dispersed phase volume fractions, which might induce
better mixing by increasing the turbulence of the system, are
not possible, because they will change the operation of the
column from the bubble regime to the slug/churn regime. This
direct effect of hydrodynamics is further demonstrated by the
fact that the stirred vessels, which are known for their
nonuniform mixing and complex hydrodynamics, have kLa
values that range over 3-fold.
Table 3a summarizes the various system types, operating

conditions, and experimentally determined kLa values reported
in the aforementioned investigations for the desorption of
carbon dioxide from water. In view of the number of reported
studies on desorption of carbon dioxide from water, it is
perhaps surprising to find that correlations for desorption mass-
transfer coefficients are rather few. This may be due, in part, to
the assumption that desorption and absorption of carbon
dioxide from aqueous solutions are identical pro-
cesses.122,197,202,215,227 Table 3b lists the available empirical
kLa correlations for desorption of carbon dioxide from aqueous
solutions.
4.2.2. Desorption by Membrane Contactors. In comparison

to absorption, desorption of carbon dioxide from water streams
using hydrophobic porous hollow fiber membranes has received
scant attention in the literature.228,229 The earliest research on
this subject appears to have been conducted by Cole and
Genetelli,230 where several types of hollow fiber membranes
(dacron, nylon, polyethylene (PE), and polypropylene (PP))
were used to strip carbon dioxide from a distilled water stream
containing sodium carbonate flowing through the bores of
hollow fibers in a “shell and tube” contactor with vacuum
imposed on the shell side. High carbon dioxide removal
efficiencies were recorded with the PP and PE membranes
(99% and 81%, respectively).
Bhaumik et al.77 used PP membranes (coated and uncoated)

in a shell and tube contactor where deionized water containing
50−180 ppm CO2 flowed in cross-flow mode on the shell side

and vacuum was used on the lumen tube-side to investigate the
stripping of carbon dioxide from carbonated water streams. The
removal efficiencies recorded were in the range of 91%−99%.
The removal efficiencies were constant over a range of
increasing liquid flow rates (low−moderate) but at higher
liquid flow rates tended to decrease with the increase in liquid
flow rate. On the other hand, the overall mass-transfer
coefficient (which was the inverse of the sum of the membrane
and liquid-side resistances) was found to be proportional to
QL

0.77; in other words, the mass-transfer coefficient increased
with increasing liquid flow rate, and Kol values were found to be
in the range from 3 × 10−6 to 6 × 10−5 m s−1. The contribution
of the membrane resistance to the overall mass-transfer
resistance was in the range of 1−37% with the lower values
recorded for the uncoated membranes.
Mansourizadeh and Ismail228,231 and Mansourizadeh47

investigated the stripping of carbon dioxide from distilled
water flowing on the lumen side of a counter current
membrane (polyvinylidene (PVDF)) contactor with pure N2
flowing on the shell side. The carbon dioxide concentration in
the inlet water stream was in the range of 13.2−132 ppm. Very
low removal efficiencies were recorded (8%−24%).228 The
stripping flux and removal efficiency were found to increase
with increasing temperature and decreasing pressure and were
independent of the variation in the gas flow rate. On the other
hand, the results obtained for the change in the removal flux
with the change in the liquid flow rate were not consistent.
Mansourizadeh and Ismail228 and Mansourizadeh47 found that
the removal flux decreased as the liquid flow rate increased,
while Mansourizadeh and Ismail231 reported an opposite
dependence. The membrane resistance accounted for 6%−
50% of the overall mass transfer resistance, with the higher
values being attributable to membrane wetting.
Rahbari-Sisakht et al.229 studied the stripping of carbon

dioxide from distilled water flowing on the lumen side of a
counter current membrane (polysulfone (PSF)) contactor with
pure N2 flowing on the shell side. Removal efficiencies in the
range of 35%−66% were recorded. The stripping flux and
removal efficiency increased with the increase in liquid flow rate
and temperature and were slightly affected by the increase in
the gas flow rate. The Kol for this system was found to increase
with the increase in the liquid flow rate (a value of 4.23 × 10−5

m s−1 was given) with the membrane resistance accounting for
<5% of the overall mass-transfer resistance.
From the above discussion, it appears that the CO2 stripping

efficiency is dependent on the membrane material where
efficiencies were the highest for PP membranes (maximum of
100%), followed by PSF membranes (maximum of 66%), with
the PVDF exhibiting the lowest value (maximum of 24%). On
the other hand, stripping flux is independent of the gas flow
rate, but increases with increasing temperature and decreasing
pressure. The relationship between stripping flux and liquid
flow rate is not consistent where several authors have reported
an increase in flux with the increase in liquid flow rate while
others have reported the opposite effect. Membrane resistance
may constitute a large portion of the overall resistance to mass
transfer contributing anywhere in the range of 1%−50% of the
overall resistance, with the balance attributable to the liquid-
side resistance.

4.3. Absorption versus Desorption. Several au-
thors122,197,202,207,214,215,227 have stated that the volumetric
mass-transfer coefficients for the absorption and desorption
processes of CO2 to and from water are equivalent since both

Figure 3. Comparison between kLa ranges for desorption experiments
in various contactor/reactor types.

Industrial & Engineering Chemistry Research Review

dx.doi.org/10.1021/ie403245p | Ind. Eng. Chem. Res. 2014, 53, 2−2214



T
ab
le

3.
Su
m
m
ar
y
of

D
es
or
pt
io
n
St
ud

ie
s
U
si
ng

(D
ir
ec
t)

T
yp
e
M
et
ho

ds
:
(a
)
Sy
st
em

D
et
ai
ls
an
d
k L
a
V
al
ue
s
an
d
(b
)
k L
a
D
es
or
pt
io
n
C
or
re
la
ti
on

s

(a
)
Sy
st
em

D
et
ai
ls
an
d
k L
a
V
al
ue
s

au
th
or
s

sy
st
em

w
at
er

k L
a
va
lu
es

(×
10

−
3

s−
1 )

co
nd
iti
on
s

m
et
ho
d
of

C
O

2
m
ea
su
re
m
en
t

Sh
er
w
oo
d
et
al
.20

2a
co
un
te
r-
cu
rr
en
t
pa
ck
ed

co
lu
m
n

ta
p
w
at
er

1.
8−

20
.6

d
=
0.
25
4
m
;
pa
ck
in
g
he
ig
ht

=
1.
37
2−

1.
42
2
m
;
1.
05

kg
s−

1
m

−
2
≤

L
≤

12
.4
0
kg

s−
1
m

−
2 ;
0.
07
7
kg

s−
1

m
−
2 ≤

G
≤

0.
43

kg
s−

1
m

−
2 ;
T
=
18
.9
−
25
.6

°C
;
1
in
.R

as
ch
ig

rin
gs

tit
ra
tio

n

Sh
er
w
oo
d
an
d

H
ol
lo
w
ay

19
7

co
un
te
r-
cu
rr
en
t
pa
ck
ed

co
lu
m
n

ta
p
w
at
er

3.
1−

58
.3

d
=
0.
50
8
m
;p

ac
ki
ng

he
ig
ht

=
0.
15
2−

1.
24
5
m
;0
.2
7
kg

s−
1
m

−
2
≤
L
≤
43
.5
0
kg

s−
1
m

−
2 ;
0.
04
1
kg

s−
1
m

−
2

≤
G
≤

1.
77

kg
s−

1
m

−
2 ;
T
=
5−

40
°C

;
1.
5
in
.R

as
ch
ig

rin
gs

tit
ra
tio

n

R
ix
on

20
4

co
un
te
r-
cu
rr
en
t
pa
ck
ed

co
lu
m
n

ta
p
w
at
er

4.
3−

27
.4

d
=
0.
38
1
m
;p

ac
ki
ng

he
ig
ht

=
4.
57
2
m
;3
.3
2
kg

s−
1
m

−
2
≤
L
≤
14
.9
5
kg

s−
1
m

−
2 ;
0.
07
7
kg

s−
1
m

−
2
≤
G
≤

0.
58

kg
s−

1
m

−
2 ;
T
=
15
.5
−
17

°C
;
1
in
.×

1
in
.s
to
ne
w
ar
e
rin

gs
tit
ra
tio

n

M
W

K
el
lo
gg

20
5

co
un
te
r-
cu
rr
en
t
pa
ck
ed

co
lu
m
n

ta
p
an
d
se
aw

at
er

20
.8
−
40
.0

d
=
0.
66
7
m
;p

ac
ki
ng

he
ig
ht

=
0.
61
−
1.
52
4
m
;L

=
13
.5
9
kg

s−
1
m

−
2 ;
0.
04
2
kg

s−
1
m

−
2
≤
G
≤
0.
13
6
kg

s−
1

m
−
2 ;
T
=
21
−
59

°C
;
1
in
.B

er
l
sa
dd
le
s

tit
ra
tio

n

V
oy
er

an
d

M
ill
er
20
6

pa
ck
ed

an
d
un
pa
ck
ed

co
cu
rr
en
t
co
lu
m
ns

di
st
ill
ed

w
at
er

40
−
14
0

d
=
0.
14

m
;h

=
0.
20
−
2.
38

m
;0

.1
m
/s

≤
u G

≤
0.
82

m
/s
;0

.0
05

m
/s

≤
u L

≤
0.
03
1
m
/s
;1
/ 2

in
.c
yl
in
dr
ic
al

sc
re
en
s

tit
ra
tio

n

Sh
ul
m
an

an
d

M
ol
st
ad

20
7

co
un
te
r-
cu
rr
en
t
bu
bb
le

co
lu
m
n

ta
p
w
at
er

9.
2−

10
1

d
=
0.
02
54
−
0.
10
2
m
;h

=
0.
21
−
1.
22

m
;0

kg
s−

1
m

−
2
≤
L
≤
54
.3
6
kg

s−
1
m

−
2 ;
0.
0
m
/s

≤
u G

≤
0.
21

m
/s
;T

=
21
−
59

°C
tit
ra
tio

n

C
ha
um

at
et

al
.40

co
cu
rr
en
t
bu
bb
le
co
lu
m
n

ta
p
w
at
er

15
−
50

d
=
0.
2
m
;
h
=
1.
68

m
;
0.
02

m
/s

≤
u G

≤
0.
13

m
/s
;
0.
03
5
m
/s

≤
u L

≤
0.
08

m
/s
;
di
ff
er
en
t
ho
le
si
ze
d

sp
ar
ge
rs

IR
sp
ec
tr
om

et
er

Pa
nj
a
an
d

Ph
an
es
w
ar
ar
ao

21
2

st
irr
ed

ve
ss
el

ta
p
w
at
er

7.
8−

12
0

d
=
0.
17
4
m
;
4
LP

M
≤

Q
G
≤

8
LP

M
;
ag
ita
tio

n
=
20
0−

60
0
R
PM

co
nd
uc
tiv
ity

H
ik
ita

an
d

K
on
is
hi
21
0,
21
1

st
irr
ed

ve
ss
el

di
st
ill
ed

w
at
er
,

el
ec
tr
ol
yt
e
so
lu
tio

ns
0.
06
−
0.
3

V
=
70

L;
0.
02
6
LP

M
≤

Q
L
≤

0.
11
4
LP

M
;
0.
51

LP
M

≤
Q

G
≤

3.
78

LP
M
;
st
irr
er

sp
ee
d
=
1−

5
s−

1
tit
ra
tio

n
an
d

ca
lc
ul
at
io
n

Es
hc
ha
r
et

al
.6
9

su
bm

er
ge
d
ae
ra
to
r
an
d

pa
dd
le
w
he
el
in

a
ta
nk

se
aw

at
er

0.
2
fo
r
ae
ra
to
r,
0.
4

fo
r
pa
dd
le

V
=
10
0
m

3 ;
T
=
20

°C
;
T
D
S
=
40

00
0
m
g/
L

pH

A
itc
hi
so
n
et

al
.21

3
su
rf
ac
e
ae
ra
to
r

w
el
l
w
at
er

0.
3−

1.
4

V
=
10

m
3 ;
T
=
22
−
25

°C
;
va
rio

us
al
ka
lin
iti
es

pH
K
at
ao
ka

et
al
.21

4
bu
bb
le
co
lu
m
n

la
ke

w
at
er

5.
0−

40
d
=
5.
5
m
;
h
=
9.
0
m
;
0.
02

m
/s

≤
u G

≤
0.
08

m
/s
;
T
=
11

°C
ch
ro
m
at
og
ra
ph

C
ab
as
su
d
et

al
.81

bu
bb
le
co
lu
m
n

sp
rin

g
w
at
er

3.
7

V
=
0.
57

L;
0.
04

LP
M

≤
Q

G
≤

2
LP

M
;
T
=
23

°C
;
pH

7.
6

pH
T
ok
um

ur
a
et

al
.12

2
bu
bb
le
co
lu
m
n

ta
p,

di
st
ill
ed

an
d

se
aw

at
er

9.
5−

26
.6

d
=
0.
09
8
m
;
h
=
1.
52

m
;
V
=
5
L;

1
LP

M
≤

Q
G
≤

4
LP

M
;
T
=
22

°C
;
pH

4.
5

di
ss
ol
ve
d
ox
yg
en

Li
si
ts
in

et
al
.22

4
st
irr
ed

ta
nk

br
ac
ki
sh

w
at
er

10
−
33

V
=
21

L;
6
LP

M
≤
Q

G
≤
25

LP
M
;
ag
ita
tio

n
=
25
0−

50
0
R
PM

;
T
=
33
.5
°C

;
io
ni
c
st
re
ng
th

=
0.
05
2
M

pH
M
at
su
na
ga

et
al
.22

5
st
irr
ed

bi
or
ea
ct
or

de
io
ni
ze
d
w
at
er

0.
02
−
0.
1

V
=
80
−
20
00

L;
0.
24

LP
M

≤
Q

G
≤

10
LP

M
;
ag
ita
tio

n
=
0.
5−

1.
0
m
/s

tip
sp
ee
d;

T
=
24
−
28

°C
C
O

2
el
ec
tr
od
e

A
l-M

as
hh
ad
an
i
et

al
.22

6
ai
r-
lif
t-
lo
op
-s
pa
rg
ed

ta
nk

ta
p
w
at
er

1.
2−

1.
5

d
=
0.
2
m
;
h
=
0.
35

m
;
V
=
8.
3
L;

11
0
LP

M
≤

Q
G
≤

30
0
LP

M
;
T
=
25

±
1
°C

pH

B
ar
ru
t
et

al
.63

va
cu
um

ai
r
lif
t
co
-c
ur
re
nt

co
lu
m
n

fr
es
h
an
d
se
aw

at
er

1.
5−

10
.0

20
LP

M
≤

Q
G
≤

60
LP

M
;
5
m

3 /
h
≤

Q
L
≤

15
m

3 /
h;

T
=
7
an
d
25

°C
pH

(b
)
k L
a
C
or
re
la
tio

ns
fo
r
D
es
or
pt
io
n

au
th
or
s

sy
st
em

w
at
er

co
rr
el
at
io
n
fo
r
k L
ab

Sh
er
w
oo
d
et

al
.20

2
pa
ck
ed

co
lu
m
n

ta
p
w
at
er

k L
a
=
b 1
L0

.8
8

Sh
er
w
oo
d
an
d
H
ol
lo
w
ay

19
7

pa
ck
ed

co
lu
m
n

ta
p
w
at
er

k L
a
=
b 2

(L
/μ
)0

.7
5 (
D

C
O

2μ
/ρ
)0

.5

R
ix
on

20
4

pa
ck
ed

co
lu
m
n

ta
p
w
at
er

k l
a
=
b 3
L

H
ik
ita

an
d
K
on
is
hi
21
0,
21
1

st
irr
ed

ve
ss
el

di
st
ill
ed

w
at
er
,e
le
ct
ro
ly
te

so
lu
tio

ns
lo
w
bu
bb
lin
g
re
gi
on
:
k L
a
=
b 4
(d

L2 n
Lρ
/μ
)0

.5
σ s

up
er
0.
78

hi
gh

bu
bb
lin
g
re
gi
on
:
k L
a
=
b 5
(d

L2 n
Lρ
/μ
)0

.9
3 σ

su
pe
r2.
5

T
ok
um

ur
a
et

al
.21

5
bu
bb
le
co
lu
m
n

ta
p,

di
st
ill
ed
,a
nd

se
aw

at
er

k L
a
=
(D

C
O

2/
D

O
2)
0.
5 (
0.
19
u G

0.
44
)

B
ar
ru
t
et

al
.63

va
cu
um

ai
r
lif
t
co
cu
rr
en
t
co
lu
m
n

fr
es
h
an
d
se
aw

at
er

k L
a
=
0.
9−

62
d b
)Q

G
a
Sh
er
w
oo
d
an
d
H
ol
lo
w
ay

19
7
st
at
ed

th
at
,a
s
a
re
su
lt
of

ex
pe
rim

en
ta
le
rr
or
s,
th
e
k L
a
va
lu
es

re
po
rt
ed

by
Sh
er
w
oo
d
et
al
.2
02
w
er
e
“p
ro
ba
bl
y
on
ly
on
e
ha
lf
to

th
re
e-
qu
ar
te
rs
of

th
e
tr
ue

va
lu
es
”.
b
L
=
m
as
s
fl
ow

ra
te

(k
g/
s)
/c
ro
ss
-s
ec
tio

na
l
ar
ea

(m
2 )
;
d b
=
bu
bb
le
di
am

et
er

(m
);
u G

=
su
pe
rfi
ci
al
ga
s
ve
lo
ci
ty

(m
/s
);
an
d
Q

G
=
ga
s
si
de

vo
lu
m
et
ric

fl
ow

ra
te

(m
3 /
s)
.

Industrial & Engineering Chemistry Research Review

dx.doi.org/10.1021/ie403245p | Ind. Eng. Chem. Res. 2014, 53, 2−2215



processes are considered as purely “physical” as opposed to
“chemical” processes, such as desorption/ absorption of CO2 to
and from diethylamine (DEA) where absorption/desorption is
accompanied by chemical reaction.227,232,233

Several other authors have reported differences between
desorption and absorption rates and their respective volumetric
mass-transfer coefficients.47,204,208,212,226,234,235 Rixon204 and
Panja and Phaneswararo212 reported higher kLa values for
desorption than for absorption in packed towers and
mechanically stirred bubble columns, respectively. Rixon204

stated that the rate of hydration of CO2 in the absorption
process may account for the difference between absorption and
desorption, while Panja and Phaneswararo212 speculated that
the higher values for desorption may be the result of the
additional surface area caused by bubble nucleation arising from
the supersaturation conditions. On the other hand, Thuy and
Weiland208 noted that, for agitated pressurized vessels, the
mass-transfer coefficients were higher for absorption than for
nonbubbling desorption due to higher (interfacial) resistance
that during absorption, while Thomas et al.235 reported that the
desorption rate in a liquid film flow over inclined plates to be
∼75% of the transfer rate of absorption over a wide operating
range. Al-Mashhadani et al.226 found that the stripping time in
an airlift loop sparged tank to be substantially longer than the
absorption time, while Mansourizadeh47 recorded the stripping
flux obtained in membrane desorption of CO2 and found it to
be 10 times lower than the CO2 absorption flux under the same
operating conditions; this difference was attributed to the high
solubility of CO2 in water.
Given that comparative studies between absorption and

desorption, that are performed in the same apparatus and under
identical conditions, are few, and explanations offered for the
difference, or lack thereof, between these two phenomena are
even rarer, it is extremely difficult to draw any definitive
conclusions as to which process is slower or faster. Suffice to
say that it appears that the rates of these processes may be
system-dependent.

5. SUMMARY
Several contactor types (such as mechanically agitated tanks,
plunging and impinging jets, static mixers, bubble and
reciprocating plate columns, oscillatory flow reactors, hollow
fiber membranes) can be used for the physical absorption or
desorption of CO2 in aqueous solutions. However, the design
of such units is still very difficult without the employment of
empirical knowledge and experience and the use of an extensive
amount of pilot-scale testing. This is mainly caused by the very
complex hydrodynamic conditions prevalent in these con-
tactors/reactors with the local value of the mixing intensity, gas
holdup, and bubble size distribution depicting large spatial
variations.236

From the above review, it can be surmised that the
volumetric mass-transfer coefficient for absorption or desorp-
tion of carbon dioxide from water varies with system
configuration and hydrodynamics and is dependent on the
characteristics of the water medium (pH, salinity, and
bicarbonate content), temperature, nature of the stripping gas
(air, nitrogen), gas rate, gas delivery system (fine/coarse/
microbubble diffuser, plate, airlift, open) and, where applicable,
liquid rate and stirrer/mixer speed. Even for similar system
configurations, it can be clearly discerned that the extent and
nature of the dependence on a particular parameter is often
contradictory. However, agreement exists on the role of the

energy input, gas flow rate, liquid flow rate, and temperature
(only for the case of desorption) on their positive effect on the
value of kLa.
The mass-transfer performance (expressed in terms kL and

kLa) for the various equipment used for the absorption and/or
stripping of carbon dioxide in water is summarized in Table 4,
which is adapted from ref 237 and modified to accommodate
the data reported in this work.
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■ NOMENCLATURE
A = empirical constant
Ac = column cross-sectional area (m2)
a, b, c, d, e = correlation parameters
C* = saturated solute concentration (mol L−1)
cCO2
* = dissolved CO2 concentration at the gas/liquid
interface (mol m−3, unless otherwise stated)
cCO2

= concentration of dissolved CO2 in the liquid (mol
m−3, unless otherwise stated)
ci = concentration of species i (mol m−3)
cs = salt concentration (mol m−3)
[CO2] = sum of the concentration of dissolved CO2 and
undissociated hydrated CO2 (mol m

−3)
[∑CO2] = sum of the concentrations of all dissolved CO2
species (mol m−3)
c* = equilibrium value of dissolved CO2 that depends on the
partial pressure of CO2 (mol m

−3)
DCO2

= diffusivity (m2 s−1)
d = column diameter (m)
f CO2

= fugacity of pure CO2 (Pa, unless otherwise stated)
HCO2,0 = Henry’s constant of CO2 in water (Pa, unless
otherwise stated)
HCO2,s = Henry’s constant of CO2 in aqueous saline solutions
(Pa, unless otherwise stated)

Table 4. Characteristics of Gas−Liquid Contacting
Equipment

device
kL (× 104 m

s−1)
kLa (× 102

s−1)

packed-column and trickle-bed reactors (film-
type contacting)

0.3−2 0.06−7

bubble columns 1−4 0.25−40
plate columns 1−4 1−8
packed bubble column (gas dispersed as bubbles
in liquid)

1−4 1−12

mechanically agitated contactors 1−5 2−50
static mixers 1 20 10−200
membrane contactors 7.5−36
shell-side water flow 0.02−1
tube-side water flow 0.037−1.5
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Z0 = height of clear liquid (m)
I = ionic strength (mol kg−1)
kL = mass-transfer coefficient (m s−1)
ko = parameters dependent on temperature
k1 = hydrolysis reaction rate constant (s−1)
K = equilibrium constant of the hydrolysis reaction (mol
m−3)
K1, K2 = dissociation constants (mol m−3)
KW = equilibrium constant of water (mol m−3)
kLa = volumetric mass-transfer coefficient (s−1)
(kLa)C = overall mass-transfer coefficients of CO2 (s

−1)
kLac‑app = apparent CO2 mass-transfer coefficient at the
experimental pH level (s−1)
(kLa)O = overall mass-transfer coefficient of O2 (s

−1)
ks = salting out parameter (kg mol−1)
Ko = ratio of Bunsen coefficient to the volume of one mole
of CO2 gas at standard pressure and temperature (mol m−3

Pa−1)
Kol = reciprocal of the overall mass-transfer coefficient
NCO2
′ = rate of mass transfer of CO2 (mol s−1)

N = mass transfer intensity of CO2 (mol m−3 s−1)
P = total pressure (Pa)
Pg = power required to rotate the impeller with gas sparging
(W)
PCO2

= partial pressure of CO2 (Pa)
QG = gas flow rate (m3 s−1, unless otherwise specified)
QL = liquid flow rate (m3 s−1, unless otherwise specified)
TL, TH = correlation parameters
R = ideal gas constant (Pa m3 mol−1 K−1)
Re = Reynolds number
RPM = mixing rotational speed (m s−1)
SCO2

= solubility of CO2 in pure water (kg m−3, unless
otherwise specified)
SCO2,s = solubility of CO2 in aqueous saline solutions (kg
m−3, unless otherwise specified)
Sh = Sherwood number
S = % salinity (g kg−1)
T = temperature (K, unless otherwise specified)
VL = liquid volume in vessel (m3)
xCO2

= mole fraction of dissolved CO2
ΔcL = logarithmic mean concentration driving force
yCO2

= mole fraction of CO2 in the vapor phase

Greek Symbols
ε = gas holdup
ρ = parameter in the modified Debye−Hückel expression
ρL = density of the liquid (kg m−3)
ρL′ = molal liquid density (mol m−3)
ν = kinematic viscosity (m2 s−1)
μ = viscosity of the liquid (Pa s)
μCO2

l(0) = standard chemical potential of CO2 in the liquid
phase (J mol−1)
σ = is surface tension of the liquid (kg m−1 s−2)
ϕCO2

= vapor phase fugacity coefficient of CO2
γCO2

= activity coefficient of CO2 in the liquid phase
ξ = dimensionless number
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125.
(100) Yasunishi, A.; Yoshida, F. Solubility of carbon dioxide in
aqueous electrolyte solutions. J. Chem. Eng. Data 1979, 24, 11−14.
(101) Schumpe, A. The estimation of gas solubilities in salt solutions.
Chem. Eng. Sci. 1993, 48, 153−158.
(102) Weisenberger, S.; Schumpe, A. Estimation of Gas Solubilities
in Salt Solutions at Temperatures from 273 to 363 K. AIChE J. 1996,
42, 298−300.
(103) Hermann, C.; Dewes, I.; Schumpe, A. The estimation of gas
solubilities in salt solutions. Chem. Eng. Sci. 1995, 50, 1673−1675.
(104) Millero, F. J. Chemical Oceanography; CRC Press: Boca Raton,
FL, 1996.
(105) Darwish, N. A.; Hilal, N. A simple model for the prediction of
CO2 solubility in H2O−NaCl system at geological sequestration
conditions. Desalination 2010, 260, 114−118.
(106) Al-Anezi, K.; Hilal, N. Effect of carbon dioxide in seawater on
desalination: A comprehensive review. Sep. Purif. Rev. 2006, 35, 223−
247.
(107) Rumpf, B.; Nicolaisen, H.; Öcal, C.; Maurer, G. Solubility of
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