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Zero-liquid discharge systems have proven to be quite effective as a long-term brine management
strategy. The availability of powerful modelling and optimization tools for the design of cost-effective
zero-liquid discharge systems is vital, so as to ensure that only the best -performing systems are
designed, constructed and operated. To date, the design of Zero Liquid discharge systems has been
modelled in terms of flow rate only, without accounting for the effect of other parameters such as the
feed salinity, temperature and pressure. The focus of this work is to integrate additional operating pa-
rameters (mainly temperature, salinity and electricity pricing), into a modified optimization model and
to determine, more accurately, the best zero liquid discharge system configuration based on specific
brine feed characteristics. The proposed model has been implemented using a case study, and sensitivity
analysis is performed to determine the most optimal structure under different inlet conditions. The
results indicate that the optimal configuration is highly sensitive to brine temperature and salinity.
Moreover, this work also demonstrates how non-brine related conditions, such as electricity pricing,
affects the design of such systems. When compared to Mansour et al. (2018), the capital costs were
comparable, however, the operating costs of Zero-liquid discharge systems have been captured more
effectively after introducing additional model parameters.

© 2019 Elsevier Ltd. All rights reserved.

1. Introduction

The accelerating rate of global population growth and the sub-
sequent increase in water demand have burdened the available
water resources. As such, the necessity for sustainable water
sources has become a pressing matter (Subramani and Jacangelo,
2014). Desalination technologies have gained much attention in
recent years as their performance and application has grown
throughout the years (Morillo et al., 2014). However, brine streams
pose a major challenge in terms of their disposal and the associated
environmental impacts. It has been estimated that the daily brine
production from desalination plants around the world is approxi-
mately 142 million m® (Jones et al., 2019). Brine composition, vol-
ume and disposal techniques affect brine disposal cost (Morillo
et al., 2014) which can constitute up to a third of total product
water cost for desalination technologies (Gilron, 2016).

The selection of the optimal brine management strategy de-
pends on several factors including brine volume and composition,
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discharge location, and the capital and operating costs (Giwa et al.,
2017). Surface water discharge, deep well injection and land
application are common brine disposal options.

Brine reaching surface water or groundwater remains a matter
of concern (Mackey and Seacord, 2008). Given the brine’s compo-
sition and temperature, its disposal into water bodies endangers
living organisms and marine ecosystem (Liu et al., 2018). Eutro-
phication, sterilization, build-up of harmful pollutants and the
variation of the water pH are environmental impacts associated
with brine discharge (Perez-Gonzalez et al., 2012).

As a result, the implementation of Zero Liquid Discharge (ZLD)
technologies as an effective long-term alternative. These systems
have witnessed technological advancements, rendering them more
economically viable and leading to their application in the brine
management of several industries (Subramani and Jacangelo,
2014).

ZLD refers to any process or combination of processes through
which there is no liquid effluent from a chemical process plant.
Existing ZLD systems focus mainly on the evaporation and crys-
tallization processes, which are not always the optimal technolo-
gies to treat brine. ZLD is usually achieved by concentrating the
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brine stream using several processes, such as thermal and
membrane-based systems, followed by a brine-to-salt processing
stage for salt recovery (Ahirrao, 2014). Hence, ZLD increases the
water supply while reducing water pollution, but at the expense of
high cost and intensive energy consumption (Tong and Elimelech,
2016). Therefore, reliable and efficient ZLD configurations must
be designed through the combination of different technologies to
achieve optimal water recovery and energy consumption while
accounting for the produced salt (Tillberg, 2004). It should be noted
that a number of promising ZLD technologies (such as membrane
distillation and forward osmosis) are currently in the research and
development stage but have not been used on an industrial scale
(Tsai et al., 2017; Lee et al.,, 2019). These technologies will not be
considered in this work.

Tufa et al. (2015) proposed the use of direct contact membrane
distillation together with reverse electrodialysis, to attain a near-
zero liquid discharge system, Even though the proposed system
was optimized by Tufa et al. (2015) for best operating conditions,
the actual implementation of the design on an industrial scale was
found challenging, due to the relatively limited availability of ion-
exchange membranes and their high manufacturing costs.
Schwantes et al. (2018) presented a technological and economic
comparison between the use of membrane distillation and me-
chanical vapor compression in ZLD systems, and found that mem-
brane distillation can be at least 40% more cost-effective in a ZLD
system. However, they are still not commercially available for large-
scale applications (Schwantes at al., 2018). Loganathan et al. (2016)
conducted a pilot-scale study on the treatment of basal aquifer by
using ultrafiltration, reverse osmosis and crystallization to achieve
zero-liquid discharge. Lu et al. (2019) developed a mathematical
model for a ZLD system that uses freeze desalination and mem-
brane distillation-crystallization powered by solar energy and
studied the effect of various parameters on its performance.
Moreover, Able et al. (2018) suggested using Joule-heating desali-
nation and flashing for the sustainable management of hypersaline
brine waste resulting from oil and gas wells. Through simulation, it
was found that desalination and two-stage flashing can achieve
ZLD (Able et al., 2018). Additionally, Lopez and Trembly (2017)
modelled a ZLD system that consists of chemical pre-treatment
combined with Joule-heating, and utilized Aspen Plus to estimate
the respective economics of such systems.

Mansour et al. (2018) proposed an effective optimization
approach to identify cost-effective ZLD strategies, mainly based on
flowrate requirements in system. A stochastic model that assesses
the assesses the design of ZLD systems under uncertainty, mainly
for desalination plants, has also been proposed by (Onishi et al.,
2017). is evident that the vast majority of investigators did not
account for the effect of parameters such as temperature, salinity
and pressure, which often have quite an influence on the overall
design cost of such systems. Thus, it was found imperative to
further investigate the effects of such parameters on various ZLD
system designs.

As pertains to the technology train of a complete ZLD system,
specific sequences of technologies are permitted for optimal per-
formance. This is because the brine feed can have certain compo-
nents that cause the sub-par performance and fouling of the
thermal and membrane systems. As such, a chemical processing
stage of the brine is required to overcome these limitations and
ensure optimal performance downstream. This stage is followed by
a thermal based or membrane based technology(s) with salt pro-
cessing technologies at the end of the system. Each stage must
include various technology choices, and a selection process for
which choice to use at each stage must be carried out (Mansour
et al., 2018). In summary, a ZLD process for brine treatment com-
mences with a primary stage, which usually involves the use of

chemical precipitation, or less frequently, membrane pre-
treatment using NF. This stage is followed by secondary stage
where thermal (e.g. MSF, MED) or membrane processes (RO) are
utilized to produce a more concentrated brine and recover water.
Finally, the remaining highly concentrated brine undergoes a ter-
tiary treatment (brine-to-salt) step where processes such as crys-
tallizers or evaporation ponds are used to achieve the zero-liquid
discharge.

Mansour et al. (2018) developed a model for the ZLD network,
taking into consideration various technology options at each step.
The purpose of the model is to develop a cost-assessment strategy
by selecting the best combination of technologies depending on
specific feed conditions supplied by the user. The model focused on
determining optimal flow distribution and allocation between the
different technologies given that most of the data collected was a
function of flow rate. Furthermore, the model was able to capture
the effect and the evolution of salinity throughout the system
through the incorporation of water recovery and salt rejection
parameters for each processing option. As a result, the performance
of various combinations of ZLD technologies could be assessed.
However, the model did not take into account the effect of varying
inlet conditions, such as temperature, pressure and salinity.

The improvements of the model developed in this work in
comparison to the one introduced by Mansour et al. (2018) help in
predicting more accurately the performance of ZLD systems by
integrating temperature, pressure and salinity as variable param-
eters. The previous model relied solely on flow rate as an influ-
encing parameter and thus the synthesized ZLD schemes are not as
intricate as that of the developed model. Moreover, while the
previous model uses fixed values for the recovery and rejection of
the technologies, the developed model optimizes the recovery and
calculates the rejection. Despite the availability of the information
and resources required for the development of this model, the
difficulty of the task lies in combining different sources of infor-
mation together, in order to capture the effects of the added pa-
rameters, something that has not been attempted before.

2. Mathematical formulation

The problem formulation is expanded to incorporate the effect
of additional parameters such as temperature and salinity. Its main
purpose remains to develop a cost-assessment strategy that can
select a combination of technologies ensuring a cost effective ZLD
design according to user-specified data. Given that the cost is
affected by flowrate, temperature, salinity and pressure among
other variables, the main aim was to determine the optimal value
for each of the mentioned parameters, and based on user-specified
information, to determine the optimal ZLD configuration at the
lowest cost.

2.1. Proposed modifications

The main modifications implemented to the original model
(Mansour et al., 2018) are the addition of a discharge stream prior to
the ZLD system and the inclusion of temperature, pressure and
salinity parameters to capture their effects on the performance of
the technologies.

2.1.1. Discharge stream

The discharge fraction (DF) is a user defined parameter that
specifies the percentage of the feed that will not go through the ZLD
system. The discharge stream (DS) is defined as follows:
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DS = F;,*DF (1)
Hence, the new feed flowrate (F'j,) is defined as follows:
Fin = Fin — DS = Fjy (1 — DF) (2)

Thus, the change required to the original model is the replace-
ment of the inlet feed flowrate with Fj; which accounts for the
discharge stream.

2.1.2. Chemical precipitation

Lime softening is affected by the temperature at which it is
carried out; a higher temperature leads to a higher removal effi-
ciency of hardness. Thus, the chemical precipitation temperature
(Tcp) can fall into one of three categories: cold, warm (49—60 °C)
and hot (108—116 °C). Hardness must be reduced in order to ensure
the smooth operation of membrane technologies by avoiding scale
formation. The Langelier Saturation Index (LSI) can be used to
assess the water’s scaling potential; a negative value indicates that
the water is non-scale forming (Kucera, 2015).

2.1.3. Thermal technologies

The thermal technologies considered in developing the model
are MED and MSF. The design equations used are found in the
Desalination Economic Evaluation Program (DEEP) manual
(International Atomic Energy Agency, 2013).

Considering T¢p is the feed temperature into the technologies
and T is the distillation plant condenser range, the last stage
temperature for both MED and MSF can be calculated as follows:

Tiherm = Ter + Top 3)

Moreover, the plant’s specific temperature range (Tsy) is the
difference between the top brine temperature (TBT) and the last
stage temperature (Ttherm), s follows:

Tser = TBT — Ttherm (4)

Given the minimum temperature interval of operation of each
stage (ATstage), the total number of stages required is then
computed as follows:

Totr
n= 5
AT tage ( )

The product water (PW¢;) and concentrated brine (CBy) flowrates
are a function of the feed flowrate (F;) and the recovery (R;), as
shown below.

PW; = F*R; (6)

CB; = Fe*(1 —Ry) (7)

The required electricity (Qet) depends on the product water
stream (PW;) and the specific power use (Qsp); it is calculated as
follows:

_ W *
= 24%1000 %
The required heat (Qpn¢), shown below, is a function of the

product water (PW¢), the gained output ratio (GOR) and the latent
heat at the top brine temperature (TBT).

Qer (8)

Qe — PW; .
£~ GOR*24*3600*1000

AH(TBT) 9)

2.1.3.1. MED. The GOR can be calculated in several manners (Frantz
and Seifert, 2015; Gude, 2018). For the purpose of this work, the
GOR is calculated as follows:

GOR = kGOR*n (10)
with the GOR, Qsp can be calculated as follows:

Qsp =1.5+0.1(GOR — 10) (11)

2.1.3.2. MSE. The brine heater temperature rise (Tpy) is a function of
the specific temperature range (Ts), the number of stages (n) and
the number of reject stages (n;), as shown below.

n
Ty = Topr——
bh = Ts = (12)
The average boiling point elevation (BPE) is a function of the
temperature and the composition of the feed flowrate (Xct), as
below.

BPE = Xc¢ (6.71 1 0.0634T + 0.0000974T2) *10-6 (13)

The MSF’'s GOR is a function of the latent heat at the average
condensing temperature (T,¢), the specific heat in the brine heater
(cp), the brine heater temperature rise (Tpp), the average boiling
point elevation (BPE), the average brine specific heat capacity (cp),
the specific temperature range (Ts;;) and the latent heat at the
average temperature between the top brine temperature (TBT) and
the last stage temperature (Tiherm); the relation is as follows.

pTstr

TBT+T,
AH(Tqe) an (BT gterm)
GOR= ——— 14
Ch (Tbh + BPE) ( )
Consequently, Qsp, is calculated as follows:
Qsp =3.2+0.2(GOR — 8) (15)

2.14. Membrane technologies

The DEEP reverse osmosis model has been utilized estimate the
total power required (Qqot) for desalination for a given feed flowrate
(Fm).

The recovery (Ry) is a function of the pressure (Py,) and the
composition of the membrane feed flowrate (Xcm), as below:

Table 1

Additional and modified constraints for the new model (International Atomic
Energy Agency, 2013; Eltawil et al, 2009; Mickley, 2008; Al-Karaghouli and
Kazmerski, 2013; Baghdadi et al., 2018; SaltWorksTech, n.d.).

Chemical Precipitation® Langlier Saturation Index (LSI) < 0

PW, < 400,000 m*/day
Rmep < 65%

Rumse < 50%

xE8 < 360,000 mg/L
PW,, < 400,000 m>/day
Pin < 82 bar Ty, < 45 °C
PW5 < 125 m?/day

Thermal Technologies®

Membrane Technologies®

Brine Crystallizer®

2 (International Atomic Energy Agency, 2013; Eltawil et al., 2009; Mickley, 2008;
Al-Karaghouli and Kazmerski, 2013; Baghdadi et al., 2018; SaltWorksTech, n.d.).
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_ 000115,

c,m
P

The product water (PWy,) and concentrated brine (CBy,) streams
are a function of the feed flowrate (Fy,) and the recovery (Ry), as
follows:

Rmn=1 (16)

PWpy = Fn*Riy (17)
CBm = Fin(1 — Rm) (18)
The brine stream salinity (ng?n) is calculated as follows:
X
tn =1k (19)

On the other hand, the product water salinity (xg‘r’,‘]') is a function
of the feed salinity (Xcm), the nominal permeate flux (Ngx), design
average permeate flux (Dgyuyx), the recovery (R,) and the membrane
feed water temperature (Ty,); the relation is as follows.

1
1—Rnm

N
X0 = 0.0025%Xe m*F 50,5+ (1 +

)*(1 + (Tyn — 25)*0.03)
flux

(20)

The average pressure (Payg) depends on the osmotic pressure
function (II(C,T)) and the aggregation of the individual ions
correction factor (Kagg), as shown below.

[1(tcm. T) + [T (5. T),

Pavg = 2 Ragg (21)
H(C'f T) = 0.00003?%1(.5 +273)C (22)

The design net driving pressure (NDP) is a function of the design
average permeate flux (Dgyx), the nominal permeate flux (Nguyx), the
salinity correction factor (ksy), the nominal net driving pressure
(NDPy), the temperature correction factor (Keem) and the fouling
factor (kfoy), as follows:

The high head pump pressure rise (Pnnp) depends on the average
pressure (P,yg), the net driving pressure (NDP), the pressure drop
across the system (APsys), the permeate pressure losses (Ppp) and
the pump suction pressure (Pgyc), as shown below.

(24)

4P,
Phinp = Pavg + NDP + == + Ppp + Pouc

The high head pump power (Qnp) is a function of the feed
flowrate (Fy), the high head pump pressure rise (Phpp), the high
head pump efficiency (Mnnp) and the hydraulic pump coupling ef-
ficiency (Mnpc), as shown below.

P = 243600 1y * Nypc *9866

(25)

The seawater pumping power (Qspp) depends on the feed
flowrate (Fy), the seawater pump head (Psp) and the seawater
pump efficiency (nsp), as below:

Fn*1000, Py

&rr = 54¥3600 n,, %9866

(26)

Similarly, the booster pump power (Qpp) is a function of the feed
flowrate (F,), the booster pump head (Ppp) and the booster pump
efficiency (npp), as follows:

o, — fm*1000, Py
P~ 24%3600 1,,*9866

(27)

Other power (Qop) is a function of the plant capacity (PWp,) and
the other specific power use (Qosp), as below:

_ PWm*Qosp
~24*%1000
The energy recovery (Qer) depends on the recovery (Rp), the

energy recovery efficiency (ner) and the high head pump pressure
(Qnp), as follows:

Qop (28)

Qer = _(1 - Rm)*ner*th (29)
Dﬂux ktem
NDP = *NDPy* (23) The total is th f all previousl ioned
NfuxKsal Kfou e total power use (Qqot) is the sum of all previously mentione
powers, as follows:
Table 2
Required input parameters and output variables of the developed model.
Input Parameters Output Variables
Overall Thermal Membrane
Capital and operating cost function parameters Ter Dfiux Btherm
TBT Nﬂux ﬁmem
ATstage Kagg Ot
Price of fuel to generate steam for heating ($/MMBtu) n-p A Ttherm
Cp NDP, Tmem
Ch Kfou Tcp
Cost of electricity ($/kWh) APy Pm
Rmep
Rwmise
Fin Ppp
chl.]F l)suc
Tk Psp
De Ppp
Nhhp
MNhpe
nSD
Nbp
Tler

Qosp
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Chemical
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> Salt Stream
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» Evaporated Water Stream
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--------- » Recycle Stream
Recovered Energy

PW;

CB
MSF e

N

PW,,
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PW; »  Crystallizer
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s
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Evaporation
Ponds

RO CBm (/ CcBmem
Sp

Fig. 1. Case study illustration.

Qtot = Qpp + Qspp + Qpp + Qom + Qer (30)

2.1.5. Brine crystallizer

The brine crystallizer’s operating conditions were determined
from SaltworksTech’s closed evaporator crystallizer
(SaltWorksTech, n.d). The operating temperature (Tcys) is 90 °C, the
maximum capacity is 125 m>/day and the recovery (Rerys) is 99%.
Moreover, the estimated electrical energy consumption is 60 kWh/
m?> product water. Thus, the operating costs were determined by
calculating the amount of heat energy needed to raise the crystal-
lizer feed temperature to 90 °C, in addition to the electrical energy
consumption. As for the capital cost, the function developed by
Mansour et al. (2018) was used.

2.2. Constraints

The implementation of new parameters in the model require
the use of new constraints compared to the original model, in

Table 3
Technologies used in the case study model.

Chemical Processing Thermal Membrane Brine-to-Salt
Lime Softening MED RO Evaporation Ponds
MSF Brine Crystallizer

addition to the adjustment of existing ones. The new constraints are
shown in Table 1.

2.3. Objective function

The objective function remains the same as the model devel-
oped by Mansour et al. (2018) and it is to minimize the cost of the
ZLD system design. It is the sum of the cost of the chemical pro-
cessing technologies (Cost™™™), the cost of thermal technologies
(Cost™e™) the cost of membrane technologies (Cost™™) and the
cost of the brine processing technologies (Costbp). The mathemat-
ical formulation is below.

Minimize (Costc”em + Costtherm  Costmem Costbp) (31)

The cost of each technology accounts for the capital and

Table 4
Feedwater composition used in this case study (Antar et al., 2012).

Composition (mg/L)

Sodium ion [Na*] 10,556
Calcium ion [Ca®*] 400
Magnesium ion [Mg?*] 1262
Potassium ion [K"] 380
Sulfate [SO3 ] 2649
Chloride [CI7] 18,980
Bicarbonate [HCO3 ] 140
TDS 34,367
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Table 6
Total yearly costs ($).

Table 5
Case study assumptions.
Thermal Cp 3.8 kJ/kgK
Ch 3.8 kJ/kgK
Kcor 0.8
MED TBT 70 °C
MSF TBT 110 °C
ng 3
Tac 40 °C
Ter 10 °C
ATstage 25°C
Membrane A 3500
Dfiux 13.6 L/m*h
Kagg 1.05
kfou 0.8
NDP, 28.2 bar
Nfux 27.8 L/m?h
Pop 3.3 bar
Pop 1 bar
Psp 1.7 bar
Psuc 1 bar
Qosp 0.4 kWh/m?
APgys 2 bar
Mbp 0.85
Ner 0.95
Mhhp 0.85
Nhpc 0.97
Nsp 0.85
Crystallizer Rerys 99%
Terys 90 °C
Energy Prices Electricity (Germany) 0.17 $/kWh

Electricity (KSA)
Electricity (USA)
Gas (Europe)

0.048 $/kWh
0.0665 $/kWh
5.88 $/MMBtu

Gas (KSA)
Gas (USA)

1.25 $/MMBtu
2.8 $/MMBtu

International Atomic Energy Agency (2013); SaltWorksTech, n.d.; US Energy
Information Administration (2019); European Commission, 2018; International
Energy Agency, 2018; Corbeau (2017); Saudi Electricity Company, 2018.

operating costs. The capital costs are power law functions in terms
of the feed flowrate, the parameters of which, A and B, are taken
from Mansour et al. (2018). As such, the pre-exponential factors for
the capital costs of the chemical precipitation stage (ASA), thermal
concentration stage (ASA?), membrane concentration stage (A$")
and brine-to-salt processing stage (AE‘SP) are each multiplied by
their corresponding inlet flowrate c(/l\:B' Ft, Fm, Fpp), and raised to their

respective exponent (BS", BEAY, BSAY, BEAP).

213 L/h
100,000 L/h 100,278 L/h
34,367 mg/L 30.59(1 mg/L
25°C ;"5b C 82 bar
: ar
1 bar Chemical Q_\
Precipitation "l
878 kg/h

DF (%) Total Cost Capital Cost Operating Cost
0 1,757,967 472,317 1,285,650
20 1,408,930 384,242 1,024,688
40 1,059,343 294,513 764,831
60 708,942 202,492 506,450
80 357,111 106,791 250,321
100 0 0 0
CAP
CAPEXhe™ — (ACAPF, ) (32)
BCAI’
CAPEXtherm _ (AtCAPFt> ‘ (33)
BCAP
CAPEX™em — <A$PFm) " (34)
BCAP
bp __ CAP bp
CAPEX® — (AGPFyy ) (35)

Furthermore, the operating costs of the chemical precipitation
and the solar ponds technologies also follow a power law model,
the parameters of which (A%, BSY, ASF, BSF) are taken from Mansour
et al. (2018).

CAP

B
OPEXHe™ — (AXPF,) " (36)

BOP
OPEXSP = (A?,’,’Fsp> . (37)

Moreover, the operating costs of the remaining technologies
(thermal, membrane and brine crystallizer) depend on their energy
requirements in the form of heat and/or electricity. The heating
costs (HC) are obtained by determining the cost of fuel needed to
meet the steam requirements (US Department of Energy, 2012;
Dieckmann et al., 2016). As for electricity costs (EC), they depend on
the electricity requirements of the technologies and the price of
1 kW-hour (Celec)-

57,258 L/h
25 mg/L
25°C
1hax 28,680 L/h
43,020 L/h
71,304 mg/L
25°C
RO A 1 bar Evaporation
22 modules w Ponds
3,067 kg/h

Fig. 2. The optimal configuration.
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235 L/h
(a)
100,000 L/h 100,282 L/h
34,367 mg/L 30,501 mg/L
50°C ! 50°C
1 bar Chorical 1 bar
Precipitation
965 kg/h
533 L/h
(b)
100,000 L/h 100,689 L/h
85,918 mg/L 76,475 mg/L
25°C ! 25°C
1 bar Gl 1 bar
Precipitation
2,194 kg/h

Fig. 3. Optimal ZLD system design for (a) temperature of 50 °C, (b) salinity of 85,918 mg|/L.

(a) 3000000

2500000

2000000

1500000

Cost ($)

uCAPEX
OPEX

1000000 u Total

500000 IIIIII

25 30 35 40 45 50 55 60 65 70 75
Temperature (°C)

(b) 2500000

2000000
1500000
= CAPEX
1000000 OPEX
m Total
500000

34367.00 51550.50 68734.00 85917.5
Salinity

Cost ($)

Fig. 4. Variation of capital, operating and total costs with: (a) the feed temperature, (b)
the feed salinity.

33,428 L/h
50,141 L/h
60,002 mg/L
60°C »
MSF 1 bar )
20 stages EV:[;(:'r::on
TBT = 110°C
50,141 L/h
25 mg/L
60°C
1 bar |
3,059 kg/h
23,494 Lh
35,241 L/h
218,499 mg/L
MED 35°C
1b y
14 stages ar Ev:%?‘r::on
TBT =70°C
65,448 L/h
25 mg/L
35°C
1 bar |
7,700 kg/h
* * * *
Hctherm _ th 1000*24*3600 06947817*Cg,15*365 (38)
Neombustion™ 10
* * % %
Neombustion™ 10
EC™™ = (Quor*24%1000)*Cpec*365 (40)
ECthe™ — (Qg*24%1000)*Copo*365 (41)
ECEYS — (chys*24*1000)* olec*365 (42)
OPEX™em — pcmem (43)
OPEXherm — gctherm . ptherm (44)
OPEX™¥$ = HC™* 4 EC™* (45)

As such, the total cost of each technology is the sum of its capital
and operating costs.

Costhem — CAPEXhem  QPEX<hem (46)
Cost™e™ — CAPEX™e™ 4 QPEX™e™m (47)
Costtherm — CAPEXtherm | Qpgxtherm (48)
CostP = CAPEX®P + OPEX"P (49)
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213 L/h
100,000 L/h 100,278 L/h
34,367 mg/L 30,590 mg/L
25°C | 25°C
ibar Chemical 1iar
Precipitation
878 kg/h

23,398 L/h
35,097 L/h
87,400 mg/L
35°C
MED 1 bar E ti
14 stages V?:,porél 20
TBT = 70°C ones
65,181 L/h
25 mg/L
35°C
1 bar Il
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Fig. 5. Optimal ZLD system design for a theoretical electricity price of 0.77 $/kWh (DF = 0%).

2.4. Problem implementation

This non-linear program (NLP) has been implemented using
“What’sBest 16.0” LINDO Global Solver for Microsoft Excel 2016 on
a notebook with Intel® Core™ i7-2670QM, 2.2 GHz, 8 GB RAM, 64-
bit Operating System.

The required input parameters for running the model and the
resulting output variables are listed in Table 2.

3. Case study

The ZLD network structure proposed for this work is shown in
Fig. 1. Fresh brine, mixed with the recycled concentrated brine,
enters the chemical processing stage where salt is produced and
the generated concentrated brine is split between thermal (MED,
MSF) and membrane technologies (RO). At the thermal and mem-
brane stages, product water results from further concentrating the
brine streams. Consequently, a fraction of the resulting concen-
trated brine streams is recycled and mixed with the main feed
stream, while the remaining portion enters the brine-to-salt pro-
cessing stage where more product water and salt are produced. The
total dissolved solids (TDS) are assessed as one main “component”
after the chemical processing stage given that the hardness is a
subset of the TDS.

IN

Total Unit Cost ($/m3)
N w

0.0665 0.1 0.2 0.3 0.4

The technologies used in this case study are listed in Table 3. The
feedwater composition is that of typical seawater, and it is shown in
Table 4. The assumptions used for this case study are summarized
in Table 5.

The aim of this case study is to show how the new model works
and how it improves on the model developed by Mansour et al.
(2018) in that it considers the effect of temperature, salinity and
pressure. The user can set any value for any parameter and impose
additional constraints that may apply to the system being consid-
ered. Thus, this case study is for illustrative purposes and may not
exactly reflect a realistic scenario.

3.1. Results and discussion

The case study considers several discharge fractions to deter-
mine how the recommended ZLD scheme changes. Energy prices
applicable in the USA have been utilized. A sensitivity analysis is
conducted to observe how the scheme changes with different
changes in the system, such as temperature, salinity and energy
prices. The model is non-convex and the constraints are nonlinear.
Therefore, all the solutions mentioned in this work are limited by
the solver’s capabilities. Furthermore, the solver has a multi-start
feature, which conducts the runs at different starting points.
While this does not guarantee a global minimum, it does provide a

0.5 0.6 0.7 0.77 0.8 0.9

Electricity Price ($/kWh)

Fig. 6. Variation of the total unit cost with the electricity price (for USA gas prices).
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Fig. 7. Variation of capital, operating and total costs with the electricity price (for USA gas prices).

better confidence level for the solutions obtained.

3.1.1. Central optimization problem

The central optimization problem has been solved for various
discharge fraction values ranging from 0 to 100% (Table S1 in the
supplementary material). One configuration is obtained for all the
discharge fraction values and consists of a lime softening unit, a
reverse osmosis unit and evaporation ponds (Fig. 2).

It is interesting to note that the solver finds it optimal to run the

RO at the highest possible pressure, i.e. at the highest recovery, thus
reducing the amount of concentrated brine going through the
brine-to-salt processing stage, which is relatively more expensive
in comparison. Moreover, for all the runs, solar ponds were chosen
as the brine-to-salt processing technology because they are less
expensive than the brine crystallizer and because no product water
constraint was imposed. For comparison, and for a discharge frac-
tion of 0%, selecting the MED instead of the RO would result in a
25.5% increase in the total cost ($2,205,610), whereas selecting the
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Fig. 8. Optimal ZLD system design with the solar ponds option removed (DF = 0%) for: (a) the standard case, (b) a feed temperature of 50 °C, (c) a feed salinity of 85,918 mg/L, (d) a

theoretical electricity price of 0.11 $/kWh.

MSF would result in a 36.2% increase in the price ($2,394,768). In
addition, selecting the brine crystallizer instead of solar ponds
would result in a 139.47% increase in the total cost ($4,109,822),
mainly due to the crystallizer’s energetic requirements and limited
capacity, requiring multiple units in parallel. Therefore, the RO re-
mains the cheapest brine concentration technology given that all
its constraints are satisfied, and the solar ponds remain the
cheapest brine-to-salt technology to use in the ZLD network. As
expected, the higher the discharge fraction, the lower the cost as
less feed is treated through the ZLD system, as seen in Table 6.

3.2. Sensitivity analysis

Several sensitivity analysis runs were conducted. The first set of
runs was at different feed temperatures. The second set of runs
looks into the effect of feed salinity, while the third investigates
changes in energy prices. All the sensitivity runs are done at a
discharge fraction of 0%.

3.2.1. Feed temperature sensitivity

The inlet feed temperature was varied between 25 and 75 °C.
The resulting configuration (shown in Fig. 2) remains the same up
to a temperature of 45 °C, which is the maximum temperature of
operation for the RO membranes, after which the solver opts for
thermal technologies (Fig. 3 (a)). Table S2 summarizes the obtained
parameter values and the cost for 25 °C and 50 °C. The higher cost
starting at 50 °C compared to the other values is due to the solver
selecting the thermal technologies, which are more energy inten-
sive. For feed temperatures of 50 °C and above, the MSF was chosen
instead of the MED because it has a higher GOR, making it less
costly. With the increase in the inlet temperature and the
concomitant change in second stage technology from RO to MSF,
the unit cost increases from 3.5 $/m> at 25 °C to reach 6.2 $/m> at
75 °C. Choosing the MED instead of the MSF would increase the cost
by 36.3% ($2,555,754 vs $3,484,537) at 50 °C. The cost breakdown
at each temperature is shown in Fig. 4 (a). For comparison purposes,
adding a cooling stage before the RO unit was assessed. In this
specific case, it was required to bring down the temperature of the
feed from 50 °C to 45 °C, and the cooler-RO combination was found
to be less costly than using a thermal unit, 4.3 $/m3 vs 5.1 $/m3,

respectively (Naguib and Gale, 2009).

3.2.2. Feed salinity sensitivity

For this set of sensitivity runs, different feed compositions are
tested. The compositions are obtained by multiplying the original
composition found in Table 4 by different values (i.e. multiplying all
individual values by the same factor). The RO’s salinity limit is
determined by the pressure constraint previously mentioned, and
was found to be about 72,000 mg/L. At high salinity values, the
optimizer chooses thermal technologies instead of membrane
technologies because membrane recovery is reduced significantly
at higher salinity, meaning more brine will be processed, and thus a
higher cost (Fig. 3 (b)). It is important to note that the brine con-
centration exiting the thermal concentration stage (218,499 mg/L)
is not a limiting value. In fact, it is calculated through the design
equations based on the thermal stage feed stream characteristics
and assumptions used. From the thermal technologies, MED is
selected over MSF because it is less costly. For example, at a feed
salinity of 85,519 mg/L, MSF would lead to a 10.3% increase in the
total cost compared to MED ($2,437,146 vs $2,209,624). Table S3
summarizes the obtained parameter values. It should be noted
that the unit costs for salinities greater than 50,000 mg/L do not
appear to vary by a great deal (3.85 $/m>). Moreover, MED cost is
not affected by feed salinity variation. The cost breakdown is shown
in Fig. 4 (b).

3.2.3. Energy price sensitivity

Different energy prices based on different countries were
considered for this set of sensitivity runs. In addition to the USA
prices used in the original runs, sensitivity runs were conducted for
energy prices in Germany and KSA. In all cases, the same configu-
ration was obtained as that in Fig. 2, as the RO remains cheaper to
use than the thermal technologies at these prices. Moreover, it was
found that at the theoretical value of 0.77 $/kWh (and above), the
optimizer favors thermal technologies as they become cheaper in
terms of total cost than the membrane option (for USA gas prices)
as observed in Fig. 5. For the theoretical electricity price, selecting
MSF instead of MED would cause an increase of 17.1% in the total
cost ($3,539,016 as opposed to $3,022,839); hence, the MED is
chosen. The parameter values are summarized in Table S4. The
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Table 7
Comparison between old and new model.
Mansour et 1. (2018) New Model
Input o Feed flowrate: 500,000 L/h o Feed flowrate: 500,000 L/h
e Feed salinity: 12,000 mg/L e Feed salinity: 12,000 mg/L
e Chemical treatment, membrane, thermal and brine-to-salt processing options e Feed temperature: 25 °C
together with all associated performance parameters (fixed recovery and e Feed Pressure: 1 bar
rejection) e Energy Pricing:

Output

gies selected

Technologies
used

o Lime softening
e Concentrator
e SWRO
e Solar Pond
e Crystallizer
Cost comparison Capital
($/m> brine e Chem: 0.03
feed) e Therm: 0.03
e Mem: 0.19
e BP: 0.15
e Total: 0.40
Operating
e Chem: 1.40
e Therm: 0.11
e Mem: 26.02
e BP: 0.04
e Total: 27.56
Total: 27.96

CPU time e Average runtime ranging between 20 and 60s

- Cost of Natural Gas: 2.8 $/MMBTU

- Electricity price: 0.0665 $/kWh

Chemical treatment, membrane, thermal and brine-to-salt
processing options together with all associated performance
parameters

Chemical treatment, membrane, thermal and brine-to-salt processing technolo- ¢ Chemical treatment, membrane, thermal and brine-to-salt

processing technologies selected

Inlet and outlet flowrate (coming from and to) for each technology unit selected e Inlet and outlet flowrate (coming from and to) for each
Inlet and outlet salinity (coming from and to) for each technology unit selected
Capital & operating cost breakdown of the ZLD system (function of flowrate) e Inlet and outlet salinity (coming from and to) for each

technology unit selected

technology unit selected

Inlet and outlet temperature (coming from and to) for each

technology unit selected

Inlet and outlet pressure (coming from and to) for each

technology unit selected

e Number of stages required in each technology unit (if a staged
design is selected)

e Recovery of each brine concentration technology

e Rejection of chemical precipitation and membrane technology

e Capital & operating cost breakdown of the ZLD system

(function of feed flowrate, temperature, pressure and salinity)

Lime softening

¢ SWRO

e Solar Pond

Capital

e Chem: 0.03
e Therm: 0.00
e Mem: 0.25
e BP: 0.07

e Total: 0.35
Operating

e Chem: 1.35
e Therm: 0.00
e Mem: 0.14
e BP: 0.01

e Total: 1.51
Total: 1.86

e Average runtime ranging between 20 and 60s

variation of total unit cost with the electricity price and the cost
breakdown are shown in Figs. 6 and 7, respectively.

3.2.4. No solar ponds

In all previous runs, the favored brine-to-salt processing tech-
nology was the solar ponds as they are cheaper, and no product
water constraint is imposed. In this set of runs, the solar ponds
option was removed in order to force the brine crystallizer option
on the solver. The runs were done at different temperatures,
salinity and at different energy prices. The inlet feed flowrate was
decreased to 8000 L/h because of the capacity constraint of the
crystallizer.

In all cases, the same results were obtained as in the previous
sections, except that the brine crystallizer replaced the solar ponds
in the final stage (Fig. 8 (a)). This means that for temperatures above
45 °C (Fig. 8 (b)), or for a feed salinity above 72,000 mg/L (Fig. 8(c))
or for USA electricity prices greater than 0.11$/kWh (Fig. 8 (d)), the
solver opts for thermal technologies. Table S5 summarizes the
system parameters used for each case.

Hence, the inlet brine temperature, the inlet brine salinity as
well as the electricity pricing all played a major role in the tech-
nology selection, between thermal and membrane options, within

the brine processing stage. It was found that membrane options
were favored under relatively low temperature (ranging 25—45 °C),
low salinity (ranging 34,367 - 72,000 mg/L), and low electricity
pricing (ranging 0.048—0.76 $/kWh for the solar ponds runs,
0.048—0.10 $/kWh for the no solar ponds runs), whereas thermal
options were favored for relatively higher temperature (above
45 °C), higher salinity (above 72,000 mg/L) and higher electricity
pricing (above 0.76 $/kWh for the solar ponds runs, 0.10 $/kWh for
the no solar ponds runs).

3.3. Model performance assessment

The model introduced by Mansour et al. (2018) proved to be
very helpful in guiding the decision-making process of assembling
cost-effective end-of-pipe ZLD systems, given an initial brine
flowrate and salinity, as well as different treatment technologies to
choose from. Mansour et al. (2018) captures all pertaining unit
performance limitations in terms of flowrate and salinity. On the
other hand, the model presented in this paper requires additional
inlet information, mainly being brine inlet temperature and pres-
sure conditions, as well as additional unit performance parameters.
Furthermore, the model optimizes for the recoveries of the units,



12 E. El Cham et al. / Journal of Cleaner Production 250 (2020) 119569

which determines more accurately the optimal configuration of the
ZLD system. Moreover, the presented model captures the effect of
the temperature on the chemical precipitation stage, the mem-
brane and thermal units. In addition, the corresponding energy
requirements for each individual treatment unit can now be esti-
mated more rigorously, by utilizing standard energy prices for
predicting a major contribution of the operating cost portion that is
associated with each generated design. For comparison purposes,
the case studied by Mansour et al. (2018) was run with the new
model and the differences between both models are presented in
Table 7. The difference between the unit costs of both models is
attributed to the fact that Mansour et al. (2018) rely on literature
data to fit a model for the cost functions, whereas the new model
uses the design equations of the technologies to predict the energy
requirements and subsequently the cost.

4. Conclusion

This paper proposes an improvement on the model developed
by Mansour et al. (2018) by accounting for temperature, salinity and
pressure in selecting the optimal ZLD design. As such, the devel-
oped model can predict the energetic requirements of the system
more accurately as well as the stream compositions, ensuring the
optimal design for the system for a minimum amount of energy.
Hence, this model allows for the design of cost-effective end-of-
pipe ZLD systems making it a viable brine management strategy to
reduce the environmental strain caused by brine disposal. The
objective of the model is to minimize the cost of the system while
respecting the imposed constraints. The model can be modified to
accommodate new technologies or different types of technologies,
given that their information is integrated in the model. This allows
testing new and different combination of technologies that have
not been tested yet. The model can also be altered so that it is able
to select units in different arrangements (series or parallel).
Moreover, the user can change parameters and impose different
constraints to generate different scenarios. Hence, the proposed
model can be for evaluating a proposed scheme’s cost-
effectiveness, under different conditions.

A case study was used to demonstrate how the model works. It
should be noted that this model does not account for some feed
characteristics, such as the presence of organic matter. Moreover,
this model does not account for the effects of injecting antiscalant
chemicals, which could slightly alter the composition of the feed,
due to the very limited data available. Nonetheless, the model’s
flexibility and versatility render it suitable for any field requiring
ZLD for the treatment of brine waste, given its ability to provide
optimal cost-effective schemes. However, further investigations
regarding how those different stream properties may further affect
ZLD system design could perhaps be attempted, in case more data is
found available in the near future.
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Nomenclature
A membrane permeability constant
brine processing technology
AGAP constant of power function for capital cost equation of

brine processing technology b $/y

AAP constant of power function for capital cost equation of
membrane technology m $/y
AgAP constant of power function for capital cost equation of

chemical processing technology p $/y

AAP constant of power function for capital cost equation of
thermal technology t $/y

Agp constant of power function for operating cost equation
of chemical processing technology p $/y

A constant of power function for operating cost equation
of solar pond $/y

BPE boiling point elevation °C

BEAP exponent of power function for capital cost equation of
brine processing technology b

BP exponent of power function for capital cost equation of
membrane technology m

BGAP exponent of power function for capital cost equation of
chemical processing technology p

B&AP exponent of power function for capital cost equation of
thermal technology t

ng exponent of power function for operating cost equation
of chemical processing technology p

B exponent of power function for operating cost equation
of solar pond

c component

Celec cost of electricity $/kWh

Cas cost of natural gas $/MMBtu

CAPEX?  brine processing technologies capital costs p $/y

CAPEX"™ chemical processing technologies capital costs $/y

CAPEX™™ membrane technologies capital costs $/y

CAPEXthe™ thermal technologies capital costs $/y

Cp average brine specific heat capacity kJ/kgK

CBin flow of concentrated brine exiting a membrane
technology m L/h

Ccpmem flow of the concentrated brine exiting all membrane
technologies L/h

CBp flow of concentrated brine exiting a chemical processing
pL/h

CB; flow of concentrated brine exiting a chemical processing
technology p L/h

cBthe™  flow of concentrated brine exiting all thermal

technologies L/h
Ch specific heat in brine heater k]/kgK

Cost?P cost of the brine processing technologies b $/y
Coste™  cost of the chemical processing technologies p $/y
Cost™™  cost of the membrane technologies m $/y
Costhe™  cost of the thermal technologies t $/y

G flow of chemicals into chemical processing technology
stream p L/h
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Dﬂux
DS
ECY$
ECmem
Ec-therm
Fin
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Fm
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Nbp
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Ner
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NDP
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discharge fraction

design average permeate flux L/m’h

discharge stream L/h

brine crystallizer electricity costs $/y

membrane technologies electricity costs $/y

thermal technologies electricity costs $/y

new inlet feed flow L/h

total inlet feed flow into system L/h

inlet feed flow into a membrane technology m L/h
inlet feed flow into a chemical processing technology p
L/h

inlet feed flow into a thermal technology t L/h

inlet feed flow into a brine processing technology bp L/h
gained output ratio

brine crystallizer heating costs $/y

thermal technologies heating costs $/y

aggregation of the individual ions correction factor
kcor fouling factor GOR equation parameter

salinity correction factor

temperature correction factor

membrane technology

number of stages

booster pump efficiency

efficiency of combustion

energy recovery efficiency

high head pump efficiency

hydraulic pump coupling efficiency

seawater pump efficiency

net driving pressure bar

nominal net driving pressure bar

nominal permeate flux L/m?h

chemical processing technologies operating costs $/y
brine crystallizer operating costs $/y

membrane technologies operating costs $/y

solar pond operating costs $/y

thermal technologies operating costs $/y

chemical processing technology

average pressure in membrane technology bar
booster pump head bar

high head pump pressure rise bar

pressure of feed Fy, into membrane technology m bar
permeate pressure losses bar

seawater pump head bar

pump suction pressure bar

flow of product water exiting a brine processing
technology b L/h

flow of product water exiting a membrane technology m
L/h

flow of product water exiting a thermal technology t L/h
booster pump power MW/d

required electricity for brine crystallizer MW/d

total electrical power required for membrane
technology m MW/d

energy recovered MW/d

required electricity for thermal technology t MW/d
required heat energy for brine crystallizer MW/d
high head pump power MW/d

required heat energy for thermal technology t MW/d
other power MW/d

specific other power use kWh/m?

seawater pumping power MW/d

specific power use kWh/m? product water

total power use MW/d

recovery of membrane technology m

Rmem portion of membrane concentrated brine (CB™™) that is

recycled to the beginning of system L/h
R: recovery of thermal technology t

Rtherm portion of thermal concentrated brine (CB™Me™) that is
recycled to the beginning of system L/h

Sp amount of salt produced by a brine processing
technology b kg/h

Sp amount of salt produced by a chemical processing
technology p kg/h

t thermal technology

Tac average condensing temperature °C

T brine heater temperature rise °C

TBT top brine temperature °C

Ty temperature of the chemical precipitation stage °C

Ter distillation plant condenser range °C
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