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ABSTRACT
OF THE THESIS OF

Haya Mahmoud Hamdan for Master of Engineering
Major: Chemical Engineering

Title: A Digital Twin for Methane Catalytic Cracking in a Fluidized Bed Reactor

Methane catalytic cracking is a promising clean alternative for hydrogen production,
generating only hydrogen and solid carbon, thereby minimizing environmental impact.
Unlike conventional methods, this technology enables hydrogen production without
additional hydrocarbon emissions. However, an efficient catalyst is required to facilitate
the reaction at moderate operating temperatures (500—700°C), reducing operational costs
and allowing for potential integration with solar energy.

To enhance both mass and heat transfer, a bubbling fluidized bed reactor (FBR) was
employed to conduct the methane cracking process. This study presents the development
of a three-phase FBR model using a highly active zinc-promoted nickel catalyst (50Ni-
5Zn/USY) on ultra-stable Y (USY) zeolite. The model was designed to predict the
reactor’s performance under different operating conditions, providing essential insights
for scaling up the process for industrial applications.

To accurately simulate the system, both kinetic and mechanistic models were developed:
The mechanistic model describes the hydrodynamic properties of the fluidized bed,
bubble characteristics, and the mass transfer of methane and hydrogen across the three
phases. The kinetic model was formulated to characterize the reaction rate. The most
suitable kinetic model suggests that the reaction follows a dissociative adsorption
mechanism, with the first hydrogen abstraction from methane identified as the rate-
determining step. This was validated against experimental data, where parameter
estimation was carried out to predict the Arrhenius rate coefficients.

The findings of this model significantly enhance the understanding of methane catalytic
cracking, providing key insights for optimizing process conditions and demonstrating the
feasibility of scaling up this technology for industrial hydrogen production with minimal
environmental impact.
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CHAPTER |

INTRODUCTION

Hydrogen is increasingly seen as a key alternative to fossil fuels, offering a
sustainable and clean energy option for uses like powering vehicles and electricity
generation. Currently, most industries produce hydrogen through steam or auto-thermal
reforming. However, these methods have significant downsides, including greenhouse
gas emissions and the production of carbon monoxide, which can contaminate hydrogen
[1].

Methane cracking presents a promising alternative, yielding pure hydrogen and
solid carbon as the only by-products. This method is particularly beneficial for proton-
exchange membrane (PEM) fuel cells, where carbon monoxide can poison the platinum-
based electrocatalyst [2]. Moreover, methane cracking simplifies the separation process
of hydrogen from unreacted methane, reducing costs compared to other methods.

The carbon produced varies in quality and application, for different methane
pyrolysis routes — thermal catalytic, noncatalytic, plasma cracking, or molten metal/salt
process. These methods produce carbon with distinct crystalline properties and reactivity.
Filamentous carbon can be used in catalysis, gas storage, composite material
manufacturing for electronic, mechanical, and medical applications, and in lithium-ion
batteries for renewable energy storage.

However, methane cracking is not without its challenges. Achieving complete
conversion requires temperatures over 1200°C due to the stable bonds in methane
molecules [3]. But, using a Nickel catalyst allows for cracking at more manageable
temperatures, around 550°C to 700°C [4] [3] which can be attained using concentrated

solar energy reactors that make this process economically feasible.



Despite its advantages, catalytic cracking of methane is not yet a mature industrial
process. Key Challenges include regenerating spent catalysts for continuous hydrogen
production, managing reactor clogging caused by filamentous carbon, effectively
separating carbon from the catalyst, and overcoming limitations in reactor process. This
work primarily focuses on developing a detailed reactor model for the methane catalytic
cracking process while also exploring effective catalyst regeneration strategies. This work
primarily focuses on developing a detailed reactor model for the methane catalytic
cracking process while also exploring effective catalyst regeneration strategies.

One of the most used reactor types for methane catalytic cracking is the fluidized-
bed reactor (FBR). FBRs are often preferred over fixed-bed reactors because their
enhanced mixing of gas and catalysts leads to better mass and heat transfer, ultimately
resulting in higher conversion rates. To model this process, a fluidized-bed reactor (FBR)
model was developed using a highly active 50Ni-5Zn/USY catalyst.

The modeling approach involved both mechanistic and kinetic models. The
mechanistic model incorporated hydrodynamic properties of the bed, bubble
characteristics, and mass balance equations for hydrogen (H2) and methane (CH4) across
three phases. For kinetic modeling, the Langmuir-Hinshelwood model was used to
describe the chemical reaction rate. This model derived eight rate equations from
assumptions about the dominant species on the catalyst surface, the rate-determining step,
and steps in quasi-equilibrium. Experiments were conducted in a packed-bed reactor
under atmospheric pressure, spanning temperatures of 500°C to 650°C and methane
partial pressures from 0.225 to 0.8 bar.

The best-fitting kinetic parameters and rate equations were determined by

minimizing the discrepancy between the model’s predictions and experimental data,



using MATLAB under steady-state and equilibrium conditions. Challenges encountered
during this fitting process were addressed and will be discussed later.

The resulting FBR model provides a crucial tool for predicting how operating
conditions affect overall process performance. It enables the calculation of conversion
rates, concentration profiles of H2 and CH4, and the variation of bubble diameters as a

function of reactor height.



CHAPTER I

LITERATURE REVIEW

The primary reaction products in methane cracking are hydrogen and carbon. The
chemical reaction is represented as follows:

CH, < Cs) + 2H, (AH°25 °C = 74.8 kj /mol) (Eq.1)

When examining methane pyrolysis methods, it is evident that each has distinct
characteristics. Both thermal non-catalytic and plasma pyrolysis processes have the
advantage of not losing effectiveness over time and can achieve high carbon purity and
conversion rates. However, they require high temperatures and suffer from both
inhomogeneities in the reaction and reactor clogging. In terms of energy efficiency, both
are less advantageous compared to catalytic methods. Methane catalytic cracking stands
out for its lower energy requirements and the potential for catalyst reuse, which reduces
operational stress on equipment. On the other hand, the molten metal media-based
pyrolysis process, which enhances heat transfer (effective heat carrier) and serves as both
a carbon transport medium and a catalyst, avoids reactor blockage due to the dissolution
of carbon deposits. However, ensuring the compatibility of the catalyst with the molten
medium is challenging. Another significant benefit of catalytic cracking over the previous
processes is its ability to produce valuable filamentous carbon nanotubes, which are
widely used in lithium battery production for renewable energy storage.

The catalyst's role is to lower the activation energy needed for methane
decomposition, thereby reducing the required operating temperatures. For instance, a

Ni/y-Al203 catalyst shows optimal performance around 500-600°C. Iron group metals
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are generally more active in hydrocarbon cracking, with a comparative activity order of
Ni > Co > Fe [5].

Methane cracking involves adsorption on a nickel catalyst, leading to hydrogen
release and carbon deposition. This carbon either forms filamentous carbon, enhancing
catalyst activity, or encapsulating carbon, causing deactivation. [6]. Unlike encapsulated
carbon, filamentous carbon does not lead to catalyst deactivation since the active metal
surface becomes freed with the excess carbon diffusing into the metal support to form
carbon filaments. The active metal then remains on the tip of the carbon filament ready
for further methane cracking [6] [7] [8].

Catalyst deactivation is influenced by factors like temperature, methane flow rate,
and gas pressure. Higher temperatures and gas concentrations quicken methane
adsorption, reducing catalyst lifespan. Particle diameter also affects deactivation. Larger
particles have a long diffusion path length which will lead to the formation of
encapsulating carbon, while smaller particles lead to rapid deactivation as the diffused
carbon reaches a saturated concentration. Inlet velocity and residence time, determined
by gas flow rate and catalyst amount, impact methane conversion.

Creating accurate models is essential for predicting how changes in operating
parameters, like methane flow rate, concentration, pressure, residence time, reaction
kinetics, and hydrodynamics, affect the overall process performance. The model's goal is
to calculate methane conversion under various conditions. The model serves as a tool for
optimizing reactor dimensions (designing and scaling up the fluidized bed reactor),

adjusting operating conditions, and improving economic efficiency.

11



Before applying any model for simulating system performance, it's crucial to
review and select the model that aligns best with the operating conditions. Common
limitations in modeling a reactor include [6]:

e Inconsistencies between model predictions and experimental results.

e Limited validity range for specific conditions.

e Some model parameters are hard to obtain, necessitating curves fitting to
experimental data.

e Difficulties in solving the model equations.

Methane catalytic cracking, a crucial process in the petrochemical industry,
employs various types of reactors, including fixed bed, membrane, fluidized bed, and
rotating bed reactors, to facilitate the conversion of methane into hydrogen and other
valuable hydrocarbons. Among these, the most employed are fixed beds and fluidized
bed reactors. The fluidized bed is preferred over the fixed bed for several reasons:

e It enhances heat and mass transfer due to the well-mixed reaction preventing axial
and radial temperature gradients.

e It avoids localized hot spots, which can lead to catalyst sintering, ensuring uniform
temperature and longer catalyst life.

e It allows for continuous or periodic circulation of solids between the reactor and

regenerator, unlike fixed beds, which can lead to operational inefficiencies.
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Different reviews were done for the reactor modeling of the methane catalytic

cracking which we will discuss:

Table 1:Summary of Reviews on Reactor Modeling for Methane Catalytic Cracking

REVIEWS REACTORS AIM RESULTS REFERENCE
USED
Thermal Methane | The reaction | To develop a | The model developed
Cracking on | takes place inside | mathematical | was validated using | [10]
Molten Metal: | the liquid bubble | model for the | experimental data
Kinetics column reactor in | main  Kinetic | produced by  the
Modeling for Pilot | molten metal | mechanisms University of La
Reactor Design media. with  molten | Sapienza and was used
metals to | to scale up the reactor
predict the | architecture. Methane
methane conversion was
conversion and | estimated in an
optimize  the | industrial reactor at
reactor design. | different bubble
diameters. The results
show that high
conversions can be
achieved with small
bubbles.
Membrane bubble | Membrane Developing a | The model [11]
column  reactor | bubble column | new  molten | accommodates
model to produce | reactor metal- membrane and non-
hydrogen by catalyzed membrane reactors, so
methane pyrolysis methane it can be utilized for
pyrolysis future MP conceptual
reactor model | design studies. The
that accurately | specific design can
recreates  the | produce pure hydrogen
published without requiring a
experimental post-reactor hydrogen
data. separator.
Modeling and | Three-phase To develop a | The developed Kinetic [6]
Experimental bubbling mechanistic model agrees and
Study of Methane | fluidized bed | and kinetic | validates the
Catalytic model was | model experimental data, and
Cracking as a | developed. (considers the model parameters
Hydrogen deactivation) agree with the literature
Production of the process | values.
Technology to predict the

13




performance of
methane
catalytic
cracking and
the effect of the
different
process
parameters on
methane
conversion.

Thermal cracking
of methane in a
liquid metal
bubble column
reactor:
Experiments and
Kinetic analysis

The reaction
takes place in a
bubble column

reactor using tin
as liquid media.

To develop a
Kinetic model
for the thermal
cracking of
methane.
Experimental
studies on
methane
conversion in a
liquid tin bath
were  carried
out and
compared with
existing kinetic
data from other

studies to
identify a
suitable
reaction  rate
for the
measured
conversion.

The developed thermo-
chemical model fitted
well with the
experimental data.
However, experimental
data obtained at 900 °C
at very low flow rates
(225 mIn/min - very
high residence times
and high conversion
rates) appeared to be
much  lower than
predicted by the model.
The model has been
applied using different
kinetic parameters from
various sources.
Kinetic data obtained
from homogeneous
reaction  experiments
showed a better
agreement compared to
data gained from
heterogeneous

experiments.

[12]

Modeling a fluidized bed reactor requires developing mechanistic and Kkinetic
models that simultaneously simulate the physical and chemical phenomena occurring in
the reactor. The physical phenomena relate to the changes in bed hydrodynamics, such as

the properties of the bubble and emulsion phases. In contrast, the chemical phenomena

involve the chemical reactions happening in each phase.
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https://www.sciencedirect.com/topics/chemistry/kinetics-type
https://www.sciencedirect.com/topics/chemistry/kinetics-type

There are two primary categories of models frequently used to simulate the
bubbling fluidized bed: the two-phase and three-phase models. The three-phase models
developed based on the assumption of three distinct phases within the fluidized bed [7],

including the bubble phase, the wake-cloud phase, and the dense phase.

A. Model Assumptions
The model operates on the following fundamental assumptions:

e The fluidized bed is divided into several stages in series, each stage's height matching
the bubble diameter at the bed's midpoint.

e Each stage comprises three phases: the bubble phase, the cloud-wake phase, and the
emulsion phase.

e The concentrations of methane and hydrogen in these phases vary with the distance
above the gas distributor.

e Gas diffusion occurs between the bubble phase and the cloud-wake (C-W) phase and
from the C-W phase to the emulsion phase, and vice versa.

e The voids in the C-W and emulsion phases are equal to those at the minimum
fluidizing condition.

e The distribution of catalyst particles is between the emulsion and cloud-wake phases.

e The bubble diameter changes depending on the height above the gas distributor.

15



CHAPTER 111

FLUIDIZED BED REACTOR MODEL DEVELOPMENT

A fluidized bed reactor model will be developed for the methane catalytic
cracking process using 50Ni-5Zn/USY as the catalyst. This catalyst has demonstrated
high activity, excellent thermal and chemical stability, and the ability to achieve high
conversion rates. The addition of 5 wt% Zn as a promoter increased the conversion
from 65% to 68%, with no loss of activity observed after 60 hours of operation, even
under elevated temperatures and increased inlet partial pressures of methane
[14].Furthermore, this catalyst produced the highest quantities of carbon during the
process, showing no signs of deactivation over the 60-hour duration. The presence of
the Zn promoter influenced the properties of the produced carbon, which was
identified as filamentous carbon formed through the tip growth mechanism—a
process known to prolong catalyst lifetime. To accurately describe the process, two
models will be developed: a mechanistic model to capture physical phenomena and a

kinetic model to describe the chemical reactions occurring in the reactor.

A. Mechanistic Modeling

1. Hydrodynamic properties

a. Minimum fluidizing velocity

The minimum fluidizing velocity is an important parameter for fluidized bed
design. It is the minimum velocity required to fully support the catalyst bed.

For particles larger than 100 pm:

U

Pgd

Ups = [ (1135.7 + 0.0408 * Ar)°5 — 33.7]

p
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And for particles smaller than 100 pum:

. dp1.8 (ps — pg)o.934 go.934
mf — 1111 MO.87ng.O66

Where:

pg is the gas density in kg/m3,

u is the gas viscosity in kg/m.s,

d,, is the particle diameter in m.

ps IS the catalyst density in kg/m3,

g is the Acceleration of gravity= 9.8 m2 /s, and

Ar is the Archimedes number and is defined as:

_ dp3 pg(ps - pg) g

Ar 12

b. Terminal Velocity of Particles

Usually, the superficial inlet gas velocity is kept between the minimum fluidizing
velocity and the terminal velocity of particles to reduce the carryover of particles. By
keeping the superficial velocity below the terminal falling velocity, fewer particles are

entrained with the exit gases. A particle through a fluid is given by [7]:

i (Ps—pg)g] 1/,

Up =uU* [ o2

Where:

u” |s calculated from the following equation:

17



-1
u = |8 2.335-1.744 ¢>S]
- 2 0.5
d*p d*p

for 0.5< ¢s<1
¢#s is the Sphericity of catalyst particles, and

d', = (Ar)s

¢. Minimum bubbling velocity

The minimum bubbling velocity represents the minimum velocity that can be used to
ensure that the fluidized bed is in the bubbling regime.

The minimum bubbling velocity, can be calculated using Equation 6.7 or Equation 6.8

[8]:

Ump = 2\/ U
d D

Upp = 0.5231 (_p)1.13(_3)—0.0384 (&)0.74—
Dg Im Pg

Where:
Dy is the bed diameter in m, and

l,, is the height of the bed at the fixed bed conditions in m

d. Incipient turbulent velocity

The minimum (incipient) turbulent velocity, where turbulent flow begins, is given

by the following equation [9]:

18



0.7 *
Uc — H (AT')O'485
Pgdp

2. The diameter of a bubble just detached from the distributing plate

e For a porous plate

The bubble diameter of a bubble that just detached from a porous plate may be

expressed as follows [10] :

2.78 )
dpo = T(Uo - Umf)

Where U, is the superficial gas velocity in m/s

e For a perforated plate

The bubble diameter of a bubble that is just detached from a perforated plate can

be calculated as follows [7]:

For a low gas flow rate:

1.3 Up—Unf 0.4
dpp =—(—)"*" d, <1
bO 902 ng ) or = ltor

Where 7a is calculated from the following equations:

For a square array of holes

For an equilateral triangle array of holes

19



e,
Where,
ng 1S the number of orifices per unit area.
[, Is the spacing between the adjacent holes.

For a high gas flow rate:

2.78

dpo = T(Uo - Umf)2 dor = Loy

3. Bubble properties

a. The rise velocity of a single bubble

The bubbles have different rising velocities in the bed; the bubble's rising velocity
is proportional to its size, and the larger the bubble diameter the faster the bubble's rising
velocity. Controlling the bubble's rising velocity is essential to improve the mass transfer
in the bed. The rising velocity of a single bubble is related to the bubble size by the

following equation [7]:

d
upy, = 0.711 (gdb)l/z for D—Z < 0.125

d d
up, = [0.711 (gdy) /2 | 1.2 exp(~1.49 —2) for 0.125 < < 0.6
Dy Dy

I.  Bubble size

Bubble diameters increase as they rise through the bed, but this increase is highly

dependent on the catalyst particle sizes. For example, in a bed of Geldart A particles,

20



bubbles increase in size to a certain maximum, due to a balance between coalescence and

splitting of the bubbles. ds follows the following relationship [7]:

dbm —db
dbm —db0 _ ©

-0.3z/Dp

Where dom is the limiting size of the bubble expected in a very deep bed, expressed as

[7]:
. 0.4
dym = 0.65 [7D%5 (Us = Uny)]

Where dbo is the initial bubble size formed near the bottom of the bed (see Equations 6.10

t0 6.14)

The bubble rising velocity is dependent on catalyst particle size; the general equations for

the bubble rising velocity that covers the whole range of particle sizes is [7]:

For Geldart A particles with D B <1m
up = 1.55[(Uy — Ups) + 14.1(dp, + 0.005)]D5 %% + ubr
For Geldart B particles with DB <1m
up = 1.6[(Uy — Upy) + 1.13(d, > D" + ubr

ii.  Bed specifications

e Height of bed

21



The following equation gives the bed height at fixed bed L=, at minimum fluidization

conditions im#, at minimum bubbling bed L=, and at bubbling bed I [11]:
lm(l - gm) = lmf(]- - gmf) = lmb(l - gmb) = lb(l - gb)

Where &m> €mf> €mb and €» are the bed voidage at the fixed bed, the minimum fluidization,

the minimum bubbling, and the bubbling conditions, respectively. €= can be calculated

from the following equation [12]:

U.Z ~|0.029 pg]0.021

e - = 0.568¢"7 [
mf pgg(ps —pg)d3 Ps

e Rising velocity of emulsion gas through the bed

The rising velocity of gas in the emulsion phase is calculated by the following equation

[7]:

Unms

Up = — Us,down
Smf

Where ug 4,y is the downflow velocity of emulsion catalyst particles, and is equal to

[7]:

JwEpUp

u ————————————————————
s,down 1— £p — fwsb

Where f,,is the ratio of the wake phase to the bubble phase

e Bubble fraction of the bed

22



The bubble fraction of the bed may be expressed as [7]:

For slow bubbles u;, < u,

UO - Umf
& = ———7—
Up + ZUmf
. . . . . Umfs S5Umfs
For intermediate velocity bubbles with thick clouds — <uy <~
mf mf
Uy — U
g, = 0 mf‘ upy = mf
Up + Umf Smf
Uy—U 5U.
Ep = 0 mf, Up = mf
Up Emf
For fast bubbles wu, > 2=
Smf
UO Umf
Ep =
up — Upy
In vigorously bubbling beds u;, > U, ¢
Uo
& = —
b u,

e Ratio of the cloud-wake phase to the bubble phase

The cloud can be simply defined as the gaseous region that surrounds the bubble.
The wake is the region just below the bubble. The ratio of the cloud-wake phase to the

bubble phase fcw is adjusted to fit the experimental conditions.

3
Fcw = —+ 0.25
w Ubrxﬂ—l +

emf
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e Fraction of bed in emulsion

The fraction of emulsion phase in the bed is defined as [7]:

fe=1-g,(1+ fou)

e Catalyst particle percent in each phase

Kunii et al. [7] defined the fraction of catalyst in the cloud-wake, and emulsion phases as

follows:
Fraction of solids in wake and bubble:

Ye = (1 - Emf)fcw

Fraction of solids in emulsion [7]:

1—¢,7)(1—¢g)
Ye=( mf) b —Ye
€p

e Number of Stages

The bed is divided into equal height stages based on the bubble diameter at the center of
the bed. The height of the bed (I») is calculated from the equation above and the bubble

diameter at the middle of the bed (ds) is calculated from the above equation to give the

number of stages as follows:

n (Number of stages) = ;—” (rounded to the nearest integer)
b

e Gas interchange coefficient

24



The gas transfer between different phases in a fluidized bed requires calculating the
interchange coefficients between different phases. Mass transfer occurs in two stages: the
first stage between the bubble and cloud-wake phases, and the second stage between the
cloud-wake and the emulsion phases. The interchange coefficients between the different

phases may be expressed as [7]:

The interchange coefficient between the bubble and cloud-wake phase:

1/2

Umf D g1/4-
kbc =45 (d—b) + 5.85 (W

The interchange coefficient between cloud-wake and emulsion phases:

Dty ub>1/2

kee = 6.77( &

4. Gas properties
a._Diffusivity
The Chapman-Enskog equation for the diffusion coefficient is used to calculate
the gas diffusion coefficients as follows [13]:

[T3[(1/Ma) + (1/Mp)]]"/?

D,p = Dg, = 1.8583 x 10727
4B B4 PatmO-AZB'QD

Where: D, is the diffusion coefficient in m? /s™1

M, and Mg are the molecular weights for gases A and B (Note:
M, = My in self-diffusion problems).

P is the pressure in atm.

T is the temperature in K.
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Qp is the diffusion collision integral.
oy4p 1s the collision diameter in meters.

See Appendix C for Q) and g4z values.

b._Viscosity
To calculate the viscosity of the gases, the Chapman-Enskog equation of viscosity is

used [13]:

1= 2.6693 x 10726 <M>

2
GQH

Where:
. . o g
u is the gas viscosity in s or Pa-s.

T: Temperature in K

M: The molecular weight of the gas
Q,,: The viscosity collision integral
o: Collision diameter in meters

See Appendix D for parameters £, and o values.

Model equations:

Mass balance equations:
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The mass balance equation for CH4 in each phase in a Fluidized Bed Reactor

(FBR) can be written in the form:

In by flow+In by mass transfer=Out by flow+Out by mass transfer+Consumption

Bubble phase:
dCA(b) —Kbc s
= 35 (Caw) ~ Cace)) ~ 5, A
Cloud-wake phase:
dCA(c) Kbc Kce Ve
C C —FF———(C C —_—
dz 1919 Emf fcw( A(b) — A(C)) 9b Emf fcw( A(c) — A(e)) 79b Emf fcw ra

Emulsion phase:

dCA(e) Kce g,
dz  Ye(1—g, — €pfow)

ye &p

ve(l—¢g, — gbfcw)

(Cace) = Cace)) =

The mass balance equation for H2 in each phase in a Fluidized Bed Reactor

(FBR) can be written in the form:
In by flow+ In by mass transfer +Production=0ut by flow+ Out by mass transfer

Bubble phase:

dCB(b) —Kbc Y ,
= op (Cow» ~ Coe) + 5, "
Cloud-wake phase:
dCB(c)  Kbc Kce e
iz Obe, (Cs(w Coco) ~ W(Cs(c) Coie)) + O ems S| P

27



Emulsion phase:

dCB(e) B Kce g,
dz  9e(1—¢, — &pfow)

]/8 €p

Ve(1— &, — epfew)

'

(Ce) = Coe)) +

B. Kinetic Modeling

Several researchers have attempted to explain the process of the decomposition of
methane over a solid catalyst. The 2 most proposed mechanisms are the dissociative
adsorption mechanism and the molecular adsorption mechanism or non-dissociative
adsorption mechanism [20] [21] [22] [23]. The dissociative adsorption mechanism is

composed of 9 elementary steps.

Steps 1-4 represent the stepwise dehydrogenation of methane. Step 5 represents the
diffusion of carbon from the surface sites to a transition layer. Step 6 is the desorption of
hydrogen atoms to form hydrogen. Finally, steps 7 to 9 represent the diffusion to the rear
side of the active metal particle, forming filamentous carbon and encapsulated carbon on
the active sites. The elementary reactions for the dissociative mechanism are shown in

Table 2.
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Table 2: Dissociative Mechanism for Methane Cracking Reaction

Elementary Step Equilibrium/Adsorption/Rate constant
CHy+2S ©»*CH;—S+H-S (K1)
CH;—S+S<CH,—S+H-S (K2)
CHy,—S+S<CH—-S+H-S (Ks)
CH—-S+S=€C—-S+H-S (Ka)

C—8eCyp+S (1/ Ke)
2H—So Hy,+2S (1/ Kn)
Crnif = Cyir (Kaitf)
Cnir = CFilamentous (kp)
€ —. S~ fCy—S (kq)

The non-dissociative adsorption mechanism is composed of 10 elementary
reaction steps. The dissociative and non-dissociative models of catalytic methane
cracking involve similar reaction steps, with the key difference in the initial step. In the
dissociative model, the reaction begins with the dehydrogenation of CH4 (release of a
hydrogen atom), where methane undergoes a dissociative chemisorption, directly
producing a methyl radical. In contrast, the non-dissociative model assumes that after the
methane adsorption on the catalyst, the methyl group passes through a series of

dehydrogenation steps. [14] [15] [16]
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Table 3: Molecular Mechanism for Methane Cracking Reaction

Elementary Step Equilibrium/Adsorption/Rate
constant
CHy+S < CHy,—S (Kcha)
CHy,—S +S & CH;—S+H-S (K2)
CH;—S+S<CH,—S+H—-S (Ka)
CH,—S+S<CH—-S+H-S (Ka)
CH—-S+S=C—-S+H—-S (Ks)
C—8 < CyptS (1/ Ke)
2H—So Hy,+2S8 (1/ Kn)
Cnif = Cuir (Kaitf)
Cnir = CFilamentous (kp)
€ —. S~ NCy—:S (kq)

The kinetic model describes the rate of the chemical reaction and it’s a crucial tool
for understanding and optimizing the methane catalytic cracking process. Various kinetic
models have been used in this context, typically categorized based on the chemical path

used to derive the rate expression. This includes two major model groups, the power rate
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law and the Langmuir-Hinshelwood (or Eley-Rideal) models [14, 15]. The limitation of
the Power rate law model is that it is not based on the kinetic mechanism. For this reason,
the Langmuir-Hinshelwood model approach attracted more attention, and it is based on a
proposed mechanism with an understanding of given reactions at the molecular level [16]
[17]. The mechanism comprises many elementary steps of molecules or ions interacting
with each other or with catalytic sites. The elementary step with the slowest reaction rate
is the rate-determining step, from which the overall reaction rate is determined. The
model assumes that reactant species are adsorbed on the catalytic surface before taking
part in a network of reactions, with important assumptions regarding dominant species on

the catalyst surface, the rate-determining step, quasi-equilibrium, etc. [4].

Eight scenarios for the rate equations were derived from the Langmuir-
Hinshelwood model—four based on the dissociative mechanism and four on the non-
dissociative mechanism. These scenarios differ based on assumptions regarding the
dominant species on the catalyst surface, the rate-determining step, quasi-equilibrium

steps, and other factors [4].

Scenario 1 assumes a dissociative mechanism. In this scenario, the first
elementary step—breaking the methane molecule into a methyl radical—is considered
the rate-determining step. This assumption aligns well with experimental data under
various conditions [18] [19]. Additionally, all subsequent steps are assumed to be in
quasi-equilibrium, with negligible surface coverage of CH2, CH, and H species catalytic

sites. Thus, the resulting rate equation for the reaction is as follows:
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Where:

kicg

2
(1 +KCCCNi,sat)

k =

I —
KC - KCCCNi,sat

2
_ KH KC CCNi,sat

KII —
K1 K;K3K,
3/2
K' = KH/ KCCCNi,sat
KKK,

Scenario 2 shares the same assumptions as Scenario 1, with one key difference:
the fraction of catalytic sites occupied by hydrogen is no longer considered negligible.

Thus, the resulting rate equation for the reaction is as follows:

k(Pcy, — K'"P3)
2
( K1/2P1/2 K,P3/2 )

T'l ==

1 H Th, H,
T ARCETA)

Where

Ka
- 2
(1 + KCCCNi,sat)
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[—
KC - KCCCNi,sat

2
K" = KHKCCCNi,sat
K1K2K3Ky
3/2
K/ _ Ky KCCCNi,sat
KyK3Ky
Ky

Scenario 3 assumes that the rate-determining step is the second step, where CHs
adsorbs onto the catalyst surface and loses a hydrogen atom to form CHz. All other steps
are in quasi-equilibrium [31] [24], and the surface coverage of CH2, CH, and H species

is assumed to be negligible. Based on these assumptions, the resulting equations are as

follows:
P
k —CH4—K"P13/22
PHZ
rZ = 2
K'P
1+¢
(K£'+1) PHZ
Where:
kFcék
k — 1/2 2001 3
Ky (1+KCCCNi,sat)
I
KC — B c™Cnisat

KII L,
K1 K>K3K,
K,
K' =
1/2
KH
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Ky

Scenario 4 shares the same assumptions as Scenario 3, with one key difference: the
fraction of catalytic sites occupied by hydrogen is considered significant. Thus, the

resulting rate equation for the reaction is as follows:

P
k(—Ha — g p3/?
, 1/2 2
- K'Pcy, N K.'*\[Py,
(K +1,/Py, K+ 1)

r, =

Where:

B ki C2K,
- 1/2 2
KH/ (1 + KCCCNi,sat)

[—
KC - KCCCNi,sat

2
K” — KCCCNi,SafKH
KiK;K3K,
Ky
K'=—>
1/2
KH
Ky

Turning now to scenarios that assume a non-dissociative mechanism, methane is
first adsorbed onto the catalyst surface and then undergoes a series of dehydrogenation

steps.
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In Scenario 5, the second elementary step—where CHa decomposes into a methyl
radical—is considered the rate-determining step [32] [33] [34], while all other steps are
in quasi-equilibrium. Furthermore, the surface coverage by CH., CH, and H species is

assumed to be negligible. Thus, the resulting rate equation for the reaction is as follows:

k(Kcw,Pen, — K''P§,)

' n3/2 \ 2
1+KCH4PCH4 n K PH2
1+K)) @A+K)

rz =

Where:

k3 C3

2
(1+KCCCNi,sat)

r_
KC - KCCCNi,sat

3/2
K' = KH KCCCNi,sat
KoK, K<
K.Co. K?
K" = Cc~CpNijsat
K>K3K4Ks
Ken,

Scenario 6 shares the same assumptions as Scenario 5, with the key difference
being that the fraction of catalytic sites occupied by hydrogen is now considered

significant. Consequently, the resulting rate equation is as follows:

k(Kc,Pen, — K" P,)

' 53/2 1/2 51/2\ 2
1 +KCH4PCH4 n K PH2 Ky PH2
(1+K)) @Q+K)) @A+K)H

T, =

+
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Where:

k3 C§

(1+KCCCNi,sat)2

I
KC - KCCCNi,sat

3/2
_ KH/ KC CCNi,sat
T K3KuKs

2
KC CCNi,sat KH

KII —
K,KsK,Ks

Kcn,

In Scenario 7, the methane adsorption step (step 1) is assumed to be the rate-
determining step, as proposed by several authors [18] [19] [20] [21]. Consequently, all
other steps are assumed to be at quasi-equilibrium. Furthermore, the surface coverage of
CHz, CH, and H species is considered negligible. Under these assumptions, we derive the

following equations:

14

2
k (PCH4 B Kcn, PHZ)

1np2 ! 3/2
1+ b, + K h,
(1+K))  (A+K)

rn =

Where:

ki Co

(1+KCCCNi,sat)
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I
KC - KCCCNi,sat

K” _ KCCCNi,SatKI-ZI
" KK3K4Ks
3/2
K/ _ KH/ KCCCNi,sat
 K3KuKs
KCH4

In Scenario 8, the assumptions remain the same as in Scenario 7, except that the
coverage of catalytic sites by hydrogen is now significant. Under these conditions, the

rate equation for the reaction is given by:

144 2
_ k<PCH4 _FHA}PI-&)
L =
T AR ET AR CEYO)

Where,

k = k{Co

(1+KCCCNi,sat)

KC" = CCCNi,sat

2
K> K3K4Ks

Kch,
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CHAPTER IV

KINETIC PARAMETER ESTIMATION

To derive the rate expression and kinetic parameters that best fit our methane
catalytic cracking process using 50 Ni-5Zn/USY as a catalyst, we conducted a series of
experiments under various operating conditions. 16 Experiments were performed in a
fixed bed reactor while varying the reactor temperature between 500°C and 650°C, with
a 40 mL/min flow rate comprising methane and nitrogen. The molar fraction of methane

in the feed was adjusted between 22.5% and 80%.

Eight rate equations, corresponding to the different scenarios derived from the
Langmuir-Hinshelwood model, were fitted to the experimental data. The goal was to

identify the rate expression that best describes the process

A. Estimation Methodology

The kinetic parameters for each scenario— specifically, the pre-exponential
factors and activation energies— were estimated using MATLAB. The objective function
was formulated as the residual sum of squares (SSE) [36] [37] to minimize the
difference between the experimental and predicted reaction rates at equilibrium and

steady state conditions. Mathematically, the objective function is expressed as:

n n
2 2
SSE = (rcalc exp,i Texp,i) + (rcalc equi — 0)

Where,

T caic exp,i 1S the rate of reaction predicted by the model at steady state for the L-th experiment,
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Tp,i is the experimental reaction rate at steady state for the I-th experiment,

T e equ,i 1S the reaction rate derived by the model at equilibrium condition for the [-th experiment,

n is the total number of experiments conducted

The experimental reaction rate, r,_; , for each run was obtained from:

r <mOICH4,reacted> _ _lFHz,in - FHz,out
CHa Ycat h 2 Meat
Where,
Fhz,in : Flow of Hydrogen in the inlet stream (mol/h)

Fhz,0ut: Flow of Hydrogen in the outlet stream (mol/h)

Mcat : Mass of catalyst (g)
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Table 4:Steady State observed reaction rates for each experimental condition

T (°C) Pcha (atm) PH2 (atm) rcha (mol

CHa4 reacted /Qcat.h)
500 0.124 0.165 0.340
500 0.268 0.188 0.468
500 0.450 0.187 0.600
500 0.615 0.206 0.710
550 0.085 0.228 0.516
550 0.191 0.298 0.808
550 0.319 0.351 1.038
550 0.447 0.392 1.286
600 0.064 0.263 0.639
600 0.134 0.380 0.975
600 0.225 0.469 1.450
600 0.291 0.566 1.746
650 0.047 0.291 0.617
650 0.104 0.422 1.186
650 0.165 0.544 1.659
650 0.204 0.662 2.080

We solved this constrained optimization problem in MATLAB using the function
fmincon, which requires an initial guess for the parameters within lower and upper
bounds identified in the literature. However, we observed that different initial guesses
could lead to significantly different SSE values, indicating that fmincon often converged

to a local minimum near the provided starting point.
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To address this, we employed the MultiStart global optimization approach,
which generates multiple initial guesses automatically. This method helps ensure that
fmincon locates a more global solution rather than becoming trapped in a local minimum.
Additionally, our constraint enforces that the reaction rate predicted under equilibrium

conditions must remain positive.

Tables 5 and 6 summarize the results of the parameter estimations for the
dissociative (DM) and non-dissociative mechanisms, respectively, listing the optimized
kinetic parameters, the sum of squared errors (SSE) under both steady-state and
equilibrium conditions, the total SSE, the average absolute relative deviation (AARD),

and an F-value for each scenario.

Below are the final estimated parameters for all dissociative and non-dissociative

mechanisms:
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Table 5: Results of Parameter Estimation for Dissociative Mechanisms

Scenario Kk A E (J/mol) SSE SSEequ SSEsum AARD F-value Ftab
DM 1 k 8.23E+05 8.09E+04 |0.68 0.03 0.71 0.23 27.28 3.44
K¢’ 5.00E-09 -3.55E+04
K’ 3.50E-07 -1.00E+05
K 3.61E-06 -8.45E+04
k 9.72E+04 5.45E+04 | 0.93 0.32 1.25 0.25 9.23 4.06
DM 2 K¢’ 3.59E-05 | -4.01E+04
K’ 3.71E-02 -4.85E+02
K’ 1.76E-06 -8.88E+04
Kh 8.45E-05 -7.93E+04
k 1.00E+06 8.78E+04 | 151 0.22 1.73 0.28 10.03 3.44
K¢’ 3.02E+05 | -4.13E+04
DM3 K° | L91E+05 | 4.19E+05
K 3.00E-06 -8.51E+04
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DM 4

k 1.00E+06 | 8.76E+04
K¢’ 8.33E+05 | -4.50E+04
K’ 2.04E+05 6.92E+05
K> 1.33E-06 | -9.11E+04
Kh 5.00 E+05 | -7.98E+04

1.45

0.18

1.63

0.28

6.56

4.06
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Table 6 :Results of Parameter Estimation for Molecular Mechanism

Scenario Kk A E(J/mol) SSE SSEequ SSEsum AARD F-value Ftab
MM 1 k 2.68E-01 1.10E+05 4.19 0.86 5.05 0.44 193 4.06

K¢’ 8.35E+05 -3.50E+04

K’ 4.76E+05 -3.04E+04

K 8.72E+01 -1.10E+05

Kcha | 9.81E+05 -5.00E+04

k 1.00E+06 1.10E+05 4.17 2.55 6.72 0.41 0.67 5.91

K¢’ 2.49E+02 -3.50E+04
MM 2 K’ 9.50E+03 -9.72E-05

K 1.65E-05 -8.98E+04

Kchsa 1.03E-02 -5.60E+04

Kn 6.96E+00 -7.0E+04

k 7.57E+06 9.72E+04 056 044 1.00 0.20 11.38 4.06
MM 3 K¢’ 7.80E+05 -3.75E+04

K 1.24E+01 -4.27E+03
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K” 5.12E+01 -1.10E+05
Kcha | 5.76E+05 -5.00E+04
k 8.98E+05 8.16E+04 098 057 1.55 0.24 3.90 5091

Ke’ 1.00E+04 -3.50E+04

MM4 K’ 2.93E-01 -1.59E+03
K 4.32E-01 -1.10E+05

Kcha | 4.91E+03 -5.00E+04

Kn 2.02E+06 -7.00E+04

the fisher test where F-values were calculated for each model according to the below
equation and then compared to the tabulated value Ftab (p, n-p, 1- o), ‘p’ being the
number of parameters, ‘n’ being the number of experiments and ‘o’ being the significance
level for the F distribution. Then, if the calculated F — value is larger than the tabulated

one, it is considered as a ‘meaningful’ regression, and the larger the calculated F — value,

the better the model is [22] .
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y?
p
201 = 3)?
n—p

F-value =

According to fisher test, it can be clearly shown that the F-value is greater than
the tabulated one for all the scenarios corresponding to the dissociative mechanism.
Unlike the molecular mechanism where the only scenario MM3 had a F-value greater
than tabulated one while the remaining scenarios MM1, MM2 and MM4 showed an F-
value lower than the tabulated one and thus are rejected according to the Fischer test.
Another test used in the model discrimination and outlined in Tables 5 and 6, was the sum
of square of errors, and here two values were reported, the “SSE” which was found for
the model and experimental reaction rate at steady state, and the ”SSEequ” which was
found for the model and experimental reaction rate at equilibrium condition to make sure
that the kinetic model respects the equilibrium conversion. According to the results, it
was found that scenarios MM3 and DM1 showed the best performance, where MM3 had
the lowest SSE value (0.56) but a high SSEequ value (0.44) while the latter had a slightly
higher SSE value (0.68) and an extremely low SSEequ value (0.03).Then summing the
SSE values for each scenario shows that scenario DM1 has an SSEsum value of 0.71
which is lower than that of MM3 having a value of 1.00. Besides, the calculated F-value
for scenario DML is 27.28 which is way larger than the tabulated F-value 3.44, unlike the
case of scenario MM3 where the calculated and tabulated F-values are 11.38 and 4.06
respectively.

Based on the results of the parameter estimation approach, it is found that scenario
DM1 best fits the experimental and equilibrium reaction rates simultaneously. It

represents a dissociative mechanistic model, with the rate determining step being the 1%
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step, where the methane molecule breaks into a methyl radical, along with a negligible

coverage of hydrogen on the catalytic surface.

B. Model Validation

1. Verifying Scenario 1 for the 50 Ni-5Zn/USY Catalyst

To verify that Scenario 1 and its corresponding Kinetic parameters best fit our process
using the 50 Ni-5Zn/USY catalyst, we implemented the relevant rate equation in packed-

bed (PBR) model. The following observations were made:
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Figure 1:Comparison of predicted vs experimental conversion for scenario DM1
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Figure 2: Comparison of predicted conversion for scenario DM1 vs Aspen+ equilibrium
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The predicted steady-state conversion for each of the 16 experiments is almost the

same as the experimentally measured conversion, although slightly higher.

e This slight increase is expected because the PBR model assumes ideal
conditions—no dead volume, no bypass, and no axial dispersion—leading to a
higher conversion.

e Under equilibrium conditions, the conversion predicted by the model for all
experiments is marginally lower than the value calculated by Aspen Plus for each

experiment.

Overall, these findings reinforce that Scenario 1’s kinetic parameters provide a reasonable
fit for our process under PBR model, with deviations aligning well with the expected

behavior of idealized versus more realistic reactor assumption.
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CHAPTER V

DIGITAL TWIN MODEL

The primary objective of developing our fluidized bed reactor (FBR) model is to
replicate its hydrodynamic behavior, heat and mass transfer characteristics, and reaction
kinetics, thereby representing its performance under industrial operating conditions.

We utilized Fortran for its exceptional performance in handling computational tasks and
its ability to execute calculations quickly and efficiently. Fortran was used to develop the
core computational model, which incorporates mechanistic and kinetic models to describe
the chemical and physical phenomena occurring within the reactor during methane
catalytic cracking using a 50Ni-5Zn/USY catalyst.

The implementation includes modeling the hydrodynamic properties of the bed, and
bubbles, as well as defining bed specifications and mass balance equations. A reaction
rate equation, derived and optimized for our process, was integrated into the model to
ensure accurate representation of the chemical reactions. The mass balance equations
account for both hydrogen and methane across the three phases of the fluidized bed

reactor system: bubble, cloud-wake, and emulsion.
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Figure 3:Snippet of FORTRAN Code for Kinetic and Mechanistic Modeling

We utilized C++ for creating the graphical user interface (GUI), leveraging the
wxWidgets library. The GUI was designed using wxSmith, a visual design tool for C++
that allows windows, dialogs, and controls to be created without manually writing the
GUI code. This approach significantly streamlined the development process.

The GUI includes:

1. Eight static boxes to display labels for input parameters:
e Reactor temperature
e Void fraction in the fixed bed regime
e Height of the catalyst bed in the fixed bed regime
e Inlet superficial gas velocity
e Catalyst density

e Mole fraction of methane
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e Particle diameter

e Bed diameter

2. Eight text boxes for the user to input corresponding values.

3. Two buttons, each connected to its corresponding event handler:

e The Compute button triggers the Fortran subroutine, passing the user
inputs to calculate methane conversion, the concentrations of CH4 and H:
and bubble diameter as functions of reactor height from the distributing

plate.

e The Plot button generates three plots corresponding to the computed data

and displays them in the menu of the GUI frame.

As an example, consider a methane catalytic cracking (MCC) process conducted
in a fluidized bed reactor (FBR) utilizing the same reactor design and catalyst quantity as
a fixed bed reactor, which was studied experimentally, and employing a 50Ni-5Zn/USY

catalyst. Under the specified operating conditions and reactor configuration outlined
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below, the model's results are presented in the three plots. These plots illustrate the

variation of the computed data along the reactor height.

[=]
[N]

Figure 4: GUI for the Fluidized Bed Reactor Model
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Figure 5: Conversion Profile as a Function of Reactor Height for the Given Operating

Conditions
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Figure 6: Concentration Profile of H2 and CH4 as a Function of Reactor Height for the
Given Operating Conditions

Figure 6 demonstrates that, under the specified operating conditions and reactor
design, methane conversion increases until approaching equilibrium conversion. At these
conditions, the fluidized bed reactor achieves a conversion of 43.5%, which is
significantly higher than the 31.2% conversion observed in the fixed bed reactor under
identical conditions. This improved performance is primarily attributed to the efficient
mixing of methane with the catalyst and the increased contact time, which enhance both
mass and heat transfer. Figure 7 illustrates the decrease in methane concentration and the
corresponding increase in hydrogen concentration, reflecting the factors mentioned

above.
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Figure 7: Bubble Diameter Profile as a Function of Reactor Height Under the Specified
Operating Conditions.

Figure 7 illustrates that the bubble diameter increases as bubbles move away from
the distributor plate. This phenomenon occurs due to the decrease in hydrostatic pressure,
which allows the bubbles to expand as they rise. Additionally, bubble collisions and

coalescence contribute to the further increase in bubble diameter.
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A. Effect of different process parameters on model outputs

1. Concentration of Reactants and Products along the reactor length at different

temperatures
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Figure 8:Concentration Profiles of H. and CH4 as a Function of Reactor Height for 50 Ni-

5Zn/USY Catalyst at 450°C with 105 pm Particles and 40/60 CH4+/N: Feed Ratio
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Figure 9:Concentration Profiles of H. and CH4 as a Function of Reactor Height for 50 Ni-
5Zn/USY Catalyst at 650°C with 105 pm Particles and 40/60 CH4/N2 Feed Ratio

Figures 8 and 9 illustrate the concentrations of methane and hydrogen along the

reactor height at different temperatures. The results indicate that while the bed height
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remains unaffected by temperature, higher temperatures result in increased hydrogen
concentrations due to the endothermic nature of the reaction, which is favored at elevated

temperatures.

2. Bubble Diameter along the Reactor Length at Different Inlet Velocities
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Figure 10: Bubble Diameter as a Function of Reactor Height at an Inlet Velocity of 3
cm/s.
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Figure 11:Bubble Diameter as a Function of Reactor Height at an Inlet Velocity of 6 cm/s.
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As shown in Figures 10 and 11 above, an increase in the inlet superficial velocity
leads to a corresponding increase in the bubble rising velocity. This enhances the
frequency of bubble collisions, promoting merging and the formation of larger bubbles

within the bed. Consequently, this results in a noticeable increase in bed height.

3. Conversion along the Reactor Length at Different Inlet Velocities
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Figure 12: Conversion as a function of reactor height (z) at an inlet velocity of 3 cm/s
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Figure 13: Conversion as a function of reactor height (z) at an inlet velocity of 6 cm/s

As shown in Figures 12 and 13, as the inlet superficial velocity increases, the
conversion decreases. This behavior is attributed to the presence of larger bubbles rising
at higher velocities, which reduces the interchange mass transfer coefficients kpc, and Kee.
Consequently, the gas-solid interaction diminishes, leading to lower conversion rates,

particularly at the lower regions of the reactor bed.

59




4. Conversion along the Reactor Length at Different Partial Pressure of Methane
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Figure 14: Conversion as a Function of Bed Height for 50 Ni-5Zn/USY Catalyst at 500°C

with 105 pm Particles and a 70/30 CH4/N2 Feed Ratio
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Figure 15: Conversion as a Function of Bed Height for 50 Ni-5Zn/USY Catalyst at 500°C

with 105 pm Particles and a 30/70 CH4+/N2 Feed Ratio

As shown in the above figures, as the mole fraction of methane increases, the

conversion decreases. This occurs because the amount of catalyst in the bed remains

constant, providing a limited number of active sites. Injecting more methane into the bed
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results in some methane exiting the reactor without sufficient contact with the catalyst.

Consequently, the reduced interaction between methane and the catalyst leads to a

decrease in conversion.

5. Conversion Along the Reactor Length at Different Particle Diameters

45

40 | e
35 | .

30 | e

25 |+

o | /

15

Conversion(%)

10

0.4 0.5 0.6

Height (cm)

0.2 0.3

0.7

0.8 0.9

Figure 16: Conversion as a Function of Bed Height for 50 Ni-5Zn/USY Catalyst at

500°C with 10 pm Particles and a 40/60 CH4/N: Feed Ratio
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Figure 17: Conversion as a Function of Bed Height for 50 Ni-5Zn/USY Catalyst at

500°C with 10 um Particles and a 40/60 CH4/N: Feed Ratio
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Figure 18:Conversion as a Function of Bed Height for 50 Ni-5Zn/USY Catalyst at 500°C
with 105 pm Particles and a 40/60 CH4/N: Feed Ratio.

In the above figures, it can be observed that as the particle diameter increases,
equilibrium conversion is reached more quickly. This is because larger particles create
less resistance to fluidization, resulting in a more stable bed with reduced turbulence. The
lower turbulence limits bubble coalescence, causing bubbles to remain smaller and rise
more slowly. Smaller bubbles provide a greater interphase surface area, improving mass
transfer between the gas and catalyst-rich emulsion phase. This enhanced gas-solid
interaction leads to a faster approach to equilibrium conversion, which is particularly

noticeable in the lower regions of the reactor bed.
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CHAPTER VI

CATALYST REGENERATION

The major challenge for a continuous hydrogen production process using catalytic
cracking of methane is the regeneration of the deactivated catalyst. Two different catalyst
regeneration methods are commonly proposed in the literature: steam regeneration and
air regeneration, and to a lesser extent CO2.

From an energy point of view, a method that will produce energy to cover part of
the methane cracking energy demand is better (e.g., air regeneration). On the other hand,
additional hydrogen is produced during steam regeneration. but steam regeneration is
endothermic while air regeneration is exothermic.

In steam regeneration, steam reacts with carbon, producing hydrogen with a
mixture of carbon monoxide and carbon dioxide. In air regeneration, oxygen reacts with
the deposited carbon to burn it; a mixture of carbon oxides is produced depending on the
amount of excess air used. In carbon dioxide regeneration, deposited carbon reacts with
CO2 forming CO, producing a mixture of carbon oxides. Each method has its advantages
and disadvantages, and the choice of the optimum method depends on the overall process
economics. Three factors are essential before choosing the regeneration method: the
energy needed for the process, the catalyst circulation time, and the effect on catalyst
performance.

Regarding the regeneration time, the faster regeneration process is better so higher
catalyst circulation rates can be achieved, and the air regeneration process is faster than
steam regeneration. In air regeneration, the localized high-temperature areas may cause

sintering, decreasing the exposed nickel surface area [43], and affecting some active sites
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by converting them to an oxide form, which would then require a reduction step before
using the catalyst for methane cracking. On the other hand, in steam regeneration, the

catalyst bed temperature can be kept more uniform, thereby avoiding sintering.
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CHAPTER VII

CONCLUSION AND RECOMMENDATIONS

A. Conclusion

This thesis explored methane catalytic cracking (MCC) as a sustainable and eco-
friendly approach to hydrogen production, addressing the limitations of traditional
methods such as steam and auto-thermal reforming. The study highlighted the critical
challenges of scaling up the MCC process, including catalyst regeneration, reactor
process modeling, and overall process optimization.

An accurate fluidized bed reactor (FBR) model was successfully developed to
predict the effects of varying operating conditions on the performance of the MCC
process using the 50Ni-5Zn/USY catalyst. Two models were developed: a mechanistic
model to capture physical phenomena and a kinetic model to describe the chemical
reaction rate. Through this approach, the study effectively calculated methane conversion
under diverse conditions, overcoming key modeling challenges.

The outcomes of this work significantly advance the understanding of methane
catalytic cracking, demonstrating the feasibility of scaling this process for industrial
applications. The results provide valuable insights into optimizing operating conditions
and highlight the potential for hydrogen production with minimal environmental impact.
Future research should focus on further improving catalyst longevity, enhancing reactor
designs, and exploring efficient methods for managing the solid carbon byproduct to

unlock the full potential of this promising technology.
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B. Recommendations

Recommendations for Regeneration Methods:

Greenhouse Gas-Free Regeneration:

Investigate regeneration methods that minimize or eliminate greenhouse gas
emissions.

Carbon Recovery:

Explore physical methods, such as magnetic separation or chemical treatment,
to separate carbon nanotubes from the catalyst for reuse.

Consider the effect of catalyst properties on separation efficiency.

Filamentous Carbon Consideration:

Avoid applying regeneration methods when filamentous carbon is produced via
the tip growth mechanism, as this weakens the metal-support interaction,

potentially compromising catalyst performance.

Recommendations for Reactor Modeling:

The fluidized bed reactor (FBR) model developed in this study requires
validation through experiments conducted in a real FBR system.

Comparison between the model-predicted results and experimental data at
different operating conditions is essential to ensure the model's accuracy and

reliability.
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